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METANIN AROMATİZASYONU İÇİN MFI DESTEKLİ MOLİBDEN
KATALİZÖRLERİNİN HAZIRLANMASI VE KARAKTERİZASYONU
ÖZET
Doğal gazın ana bileĢeni olan metan, genellikle evsel ve endüstriyel ısıtma amacıyla
kullanılmaktadır. Elektrik üretimi amacıyla kullanılan gaz türbini güç ünitelerinde de
doğal gazın yakıt olarak kullanımına yönelik son yıllarda giderek artan bir talep
vardır. Elektrik jeneratörlerinde doğal gaz tüketimi öngörüleri, diğer yakıt tüketim
öngörülerine oranla çok daha hızlı bir geliĢmeyi göstermektedir. Uluslararası doğal
gaz ticaret hacmi büyümeye devam etmektedir. Dünya doğal gaz tüketimlerinde
öngörülen artıĢlar, yeni doğal gaz kaynaklarının pazara sokulmasını gerekli
kılmaktadır. Öte yandan, özellikle son on yılda doğal gaz tüketimindeki yüksek artıĢ
hızlarına rağmen birçok bölgesel rezerv/üretim oranı hala çok yüksektir. Bu nedenle
metandan yüksek ticari değere sahip yakıtların veya kimyasal maddelerin üretimi,
büyük miktarda doğal gaz rezervlerinin etkin kullanımı açısından oldukça önemlidir.
Metanın daha yüksek ticari değere sahip kimyasallara dönüĢtürülmesi, dünyanın
halen üzerinde çalıĢtığı bir konudur. Bu alanda son yirmi yılda çeĢitli yöntemler
araĢtırılmıĢtır. Ticari değerde bir proses olan doğal gazdan sentez gazı üretimi
yönteminin yanısıra metanın doğrudan oksijenatlara dönüĢtürülmesi, olefinlere
dönüĢtürülmesi, oksijenli eĢleĢmesi (coupling) ve oksijensiz ortamda benzen ve
hidrojene dönüĢtürülmesi gibi çok daha ekonomik olabilecek yöntemler üzerinde de
çalıĢmalar yapılmaktadır. Metanın değerlendirilmesine yönelik doğrudan tüm
yöntemler (metanol sentezi, metanolden benzin üretimi ve Fischer-Tropsch), sentez
gazı üretimini ve kullanımını gerekli kılmaktadır. Metanın ticari değeri daha yüksek
olan ürünlere dönüĢtürülmesinde kullanılan doğrudan yöntemler (metan aktivasyonu
ile metanol sentezi, metanın oksijenli eĢleĢmesi, metanın oksijensiz ortamda
aromatizasyonu) ise, pahalı sentez gazı üretim adımını içermemektedir.
Doğrudan veya dolaylı yöntem olarak yukarıda verilen proseslerin birçoğu, metana
eĢdeğer veya daha yüksek maliyete sahip oksijen kullanımını gerektirmektedir. Bu
nedenle bu alanda yapılan son çalıĢmalar daha çok metanın oksijensiz ortamda
aromatizasyonu reaksiyonu ile ilgilidir. Oksijen gerektirmeden metanın benzen,
toluen, naftalin ve hidrojen gibi hidrokarbon ürünlere katalitik bir reaksiyon ile
dönüĢtüğü sınırlı sayıda reaksiyon bulunmaktadır. Metanın 700°C’deki denge
dönüĢümü yaklaĢık olarak %12’dir. Bu reaksiyonda, metanın yaklaĢık yarısı
benzene kalan yarısı da naftaline dönüĢmektedir.
Oksijensiz ortamda metanın aromatizasyonu reaksiyonu çeĢitli geçiĢ metal oksit
destekli inorganik taĢıyıcıların varlığında gerçekleĢtirilmektedir. Daha çok HZSM-5
üzerine yüklenen molibden ve renyum bazlı aktif bileĢenler incelenmektedir.
Molibden bazlı katalizörlerde, kullanılan molibden bileĢiğine bağlı olunmaksızın,
aktivasyon rutin olarak reaksiyon koĢullarında metan atmosferinde molibdenin
molibden karbide dönüĢmesi ile gerçekleĢmektedir. Genel olarak reaksiyonun,
molibden karbid aktif bileĢikleri üzerinde asetilen (veya etilen) oluĢumu ile ilerlediği
ve asit merkezler üzerinde de halkalaĢma ve aromatizasyon reaksiyonlarının
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gerçekleĢtiği düĢünülmektedir. Benzenin alkilasyonu ve ardından gelen diğer
reaksiyonlar ile çeĢitli aromatik bileĢikler üretilmektedir. Üretilen aromatik
bileĢiklerden en sık bahsedileni naftalindir. Öte yandan toluen, ksilen ve divinil
benzen de daha önce belirlenen ürünler arasında bulunmaktadır.
Katalitik reaksiyon sırasında baĢlangıç C-C bağ oluĢumunun detaylı mekanizması
ve aktif molibden bileĢiklerinin yapısı hala açıklığa kavuĢturulamamıĢtır. Molibden
bileĢiği ile HZSM-5 arasındaki etkileĢimin bilinmesi, oksijensiz ortamda metanın
aromatizasyonu reaksiyonunda Mo/HZSM-5’in aktivitesinin anlaĢılması açısından
oldukça önemlidir.
Bu tezde, oksijensiz ortamda metanın aromatizasyonu reaksiyonunun farklı yönlerini
anlayabilmek için aĢağıdaki çalıĢmalar gerçekleĢtirilmiĢtir:








MFI destekli molibden katalizörleri ile elde edilen görünür ve gerçek metan
aromatizasyon hızları üzerinde zeolitin dealuminasyonunun etkisi,
MFI destekli molibden katalizörlerinin aktiviteleri üzerinde CaC2 ile iĢlemin
etkisi,
MFI destekli molibden katalizörlerinin aktiviteleri üzerinde katalizör
taĢıyıcısının morfolojisinin etkisi,
Mo-HZSM-5 katalizörleri üzerinde EPR (elektron para manyetik rezonans
spektroskopu) çalıĢması: Aktif molibden bileĢiklerinin değerliklerinin
araĢtırılması,
MFI-destekli molibden ve renyum katalizörlerinin aktiviteleri: Ġnorganik
taĢıyıcının katyonik formunun etkisi ve
Birincil ürünün araĢtırılması.

Bu kapsamda aĢağıda verilen deneysel çalıĢmalar yapılmıĢ ve çalıĢmalar
sonucunda aĢağıda özetlenen bulgular elde edilmiĢtir:
HZSM-5’in dıĢ yüzey dealuminasyonu ile görünür ve gerçek metan aromatizasyon
hızlarındaki değiĢimlerin araĢtırıldığı çalıĢmada dıĢ yüzeyi dealumine edilen
inorganik taĢıyıcı kullanılarak katalizör hazırlanmıĢ ve aktivitesi, dealumine
edilmemiĢ inorganik taĢıyıcılı katalizörün aktivitesi ile iki farklı çalıĢma koĢulunda
karĢılaĢtırılmıĢtır. DüĢük akıĢ hızında, atmosferik basınçta (HPLF deneyi) ve 1:1
metan ve argon karıĢımı kullanılarak gerçekleĢtirilen metan aromatizasyonu
reaksiyonunda, beklenenin tersine, yüzeyi dealumine edilmiĢ H-MFI destekli
molibden katalizörün, dealuminasyon iĢlemine tabi tutulmamıĢ H-MFI destekli
molibden katalizöre oranla çok daha aktif ve çok daha kararlı olduğu görülmüĢtür.
Tersine bir Ģekilde de, yüksek akıĢ hızı ve düĢük kısmi metan basıncında (LPHF
deneyi) beklenen aktivite değerleri elde edilmiĢtir; yani dealumine edilmemiĢ zeolit
destekli molibden katalizör, dealumine edilen zeolit destekli molibden katalizöre
oranla çok daha yüksek aktivite göstermiĢtir. Ġki set deney sonucu arasında görülen
bu çeliĢki Ģu Ģekilde yorumlanmaktadır: çok daha aktif olan katalizör, yüksek metan
kısmi basınçlarında çok daha hızlı bir Ģekilde deaktive olmaktadır ve bu nedenle
daha düĢük görünür aktivite göstermektedir. Dealümine edilen zeolit destekli
molibden katalizörünün daha kararlı olması, katalizör yüzeyinde aktif merkezlerin
olmamasından kaynaklanmaktadır. Çünkü genel zeolit katalizör literatüründe de
belirtildiği gibi katalizör dıĢ yüzeyindeki aktif merkezler, deaktivasyona yol açan
düĢük buhar basıncına sahip çok daha büyük aromatik bileĢiklerinin oluĢumuna
neden olmaktadır. OluĢan bu bileĢikler, zeolitin gözenek giriĢlerini hızlı bir Ģekilde
tıkamaktadır.
Metanın aromatizasyonu reaksiyonunda HZSM-5 destekli molibden katalizörlerinin
aktivitesi üzerine CaC2 ile iĢlemin etkisinin araĢtırıldığı çalıĢmada CaC2 ile iĢlem
gören katalizörlerin aktiviteleri karbürize edilmeyen ve CH4/H2 ile karbürize edilen
katalizörlerin aktiviteleri ile karĢılaĢtırılmıĢtır. CaC2 ile iĢlem gören katalizörler ile en
yüksek aktivite değerleri elde edilmiĢtir. Karbürize edilmeyen katalizör ile
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gözlemlenen indüksiyon süresi, CaC2 ile ön iĢlem sonucu azalmaktadır. Belirli bir
değerin üzerinde yapılan CaC2 yüklemesi ise, muhtemelen HZSM-5’in
gözeneklerinin tıkanmasına yol açarak, katalizörün aktivitesini düĢürmektedir. CaC2
veya CH4/H2 ile karbürize edilen veya reaksiyon sırasında karbürize olan tüm
örnekler, değiĢen indüksiyon sürelerini takiben benzer Ģekilde deaktive olmaktadır.
Ġnorganik taĢıyıcı morfolojisinin katalizör aktivitesi üzerindeki etkisini incelemek
üzere, metanın aromatizasyonu reaksiyonunda, farklı morfolojilere ve Si/Al
oranlarına sahip üç adet HZSM-5 destekli Mo2C katalizör denenmiĢtir. HZSM-5 tipi
inorganik katalizör desteklerini karakterize etmek için X-ıĢını kırınımı, elementel
analiz, X-ıĢını fotoelektron spektroskopisi (XPS), 27Al NMR spektroskopisi, azot
adsorpsiyonu ve taramalı elektron mikroskopisi yöntemlerinden yararlanılmıĢtır.
Ġnorganik destek morfolojisinin, reaksiyonda önemli bir rol oynadığı gözlemlenmiĢtir.
Söz konusu reaksiyon, gerçek reaksiyon hızlarının karĢılaĢtırılabileceği koĢullarda
incelenmiĢtir. Reaksiyon hızının, toplam asit merkez sayısı veya dıĢ yüzey alanı ile
doğrusal bir Ģekilde değiĢmemesine rağmen, birim dıĢ yüzey asit merkezi (XPS
ölçümleri ile belirlenen dıĢ yüzey Si/Al oranları ile hesaplanmıĢtır) baĢına düĢen
reaksiyon hızının dıĢ yüzey alanı ile doğrusal bir Ģekilde arttığı gözlemlenmiĢtir.
Metanın aromatizasyonu reaksiyonunda Mo/HZSM-5 katalizörü üzerindeki aktif
molibden bileĢiklerinin değerliklerinin belirlenmesi için, Mo/HZSM-5 katalizörü
üzerinde yüksek sıcaklıkta metanın dönüĢümü reaksiyonu süresince oluĢan fazlar,
Elektron Paramanyetik Rezonans (EPR) ve 27Al Nükleer Manyetik Rezonans
Spektroskopileri kullanılarak incelenmiĢtir. Silika üzerine desteklenen amonyum 6molibdoaluminat III’te, HZSM-5’de olduğu gibi, aluminyumun nükleer spini ile
etkileĢen eĢleĢmemiĢ elektronlu Mo5+ iyonlarından kaynaklanan EPR sinyalleri
görülmüĢtür. Bu özel spin etkileĢimi, zeolitin iyon değiĢim bölgelerindeki Mo5+
iyonlarının varlığından kaynaklanmamaktadır. 27Al NMR ve EPR spektroskopi
çalıĢması, zeolit kompozit katalizörde gözlemlenen EPR sinyalinin, molibden oksit
varlığında zeolitin dealuminasyonu sonucu oluĢan aluminyum molibdatın
indirgenmesi ile ortaya çıkan Mo5+ iyonlarından kaynaklandığını göstermektedir.
Ġnorganik taĢıyıcının katyonik formunun, bir diğer deyiĢle asiditesinin, katalizör
aktivitesi üzerindeki etkisinin incelendiği deneylerde, hidrojen ve kalsiyum olmak
üzere iki farklı katyonik formda MFI tipi inorganik taĢıyıcı kullanılarak MFI destekli
molibden ve renyum katalizörleri hazırlanmıĢtır. Katalizörlerin aktiviteleri metanın
aromatizasyonu reaksiyonu için test edilmiĢtir. HZSM-5 destekli katalizörler ile daha
yüksek aktivite değerleri elde edilmiĢtir. Kalsiyum formundaki inorganik taĢıyıcının
kullanımı ile hazırlanan katalizör üzerinde renyumun yüksek oranda dağılmıĢ olması
beklenir. Öte yandan, CaZSM-5 destekli katalizör üzerinde daha iyi bir aktif renyum
dağılımı olmasına karĢın bu katalizör ile daha düĢük reaksiyon hızları elde edilmiĢtir.
Bu sonuç, asit merkezlerin reaksiyondaki rollerinin, en az aktif metalin katalizör
üzerindeki dağılım derecesi kadar kritik olduğunu göstermektedir.
Birincil ürünün (etilen ya da asetilen) belirlenmesine yönelik olarak, molibden bazlı
katalizörün deaktivasyonunun ilerlediği koĢullarda ürünlerin oluĢumu incelenmiĢtir.
Katalizör deaktivasyonu sonrası asetilen ve etilen gözlemlenmiĢtir. Ġleri düzeyde
deaktivasyonun gerçekleĢtiği reaksiyon sürelerinde benzen ve naftalin gibi aromatik
yapıda herhangi bir ürün tespit edilememiĢtir. Asetilenin yalnızca ileri deaktivasyon
aĢamalarından sonra tespit edilmiĢ olmasının, hidrojence zengin atmosferde
asetilenin etilene hızlı hidrojenasyonundan kaynaklandığı düĢünülmektedir. Bu
durum, Mo2C/H-ZSM-5 katalizörü üzerinde gerçekleĢen metanın aromatizasyonu
reaksiyonunda birincil ürünün asetilen olabileceğini göstermektedir.
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PREPARATION AND CHARACTERIZATION OF MFI-SUPPORTED CATALYSTS
FOR THE AROMATIZATION OF METHANE
SUMMARY
Methane, which is the main component of natural gas, is mainly used for home and
industrial heating. In recent years, there is also a rising demand for natural gas to
fuel efficient new gas turbine power plants to produce electricity. The projections for
natural gas consumption by electricity generators show more rapid growth than the
projections for any other fuel. The amount of natural gas traded across international
borders continues to grow. Projected increases in world natural gas consumption
will require bringing new gas resources to market. On the other hand, despite high
rates of increase in natural gas consumption, particularly over the past decade, most
regional reserves-to-production ratios have remained still high. For these reasons,
the production of high grade fuels or chemicals from methane has a particular
importance to utilize the huge amount of natural gas sources effectively.
Conversion of methane into useful chemicals has been and still is a subject of
worldwide renewed efforts. Several routes have been explored over the previous
two decades. In addition to methane conversion into syn gas which is of real
industrial significance, more ambitious routes such as direct conversion into
oxygenates, methanation of olefins, oxidative coupling of methane and nonoxidative
conversion of methane into benzene and hydrogen were explored. All indirect routes
(methanol synthesis, methanol to gasoline process and Fischer-Tropsch) for the
utilization of methane require the production of synthesis gas (carbon monoxide and
hydrogen) and further utilization of it. Direct methods (methanol synthesis by
methane activation, oxidative coupling of methane and aromatization of methane
under non-oxidative conditions) for the conversion of methane to the desired
products circumvent the expensive syn-gas step.
Many of the processes described above, whether direct or indirect, require the use
of oxygen, which has a cost that is either equivalent to or greater than the cost of
methane. So the latest developments were concerned with the latter reaction,
aromatization of methane under non-oxidative conditions. There are a limited
number of methane conversion reactions that result in hydrocarbon products but do
not require an oxidant as in the case of the catalytic conversion of methane to
benzene, toluene, naphthalene and hydrogen. At 700°C, e.g., the equilibrium
conversion of CH4 would be about 12%, with about half the CH4 going to benzene
and half to naphthalene. The other major product is H2, which also has a significant
value.
The aromatization reaction of methane under non-oxidative condition is carried out
in the presence of various transition metal oxide-loaded inorganic carriers. Mainly
molybdenum- and rhenium-based active components deposited over HZSM-5 were
thoroughly investigated. In the case of molybdenum-based catalysts, the activation
procedure was scrutinized and it was generally agreed that whatever the nature of
the precursor, molybdenum was converted, in the presence of methane, under the
reaction conditions, into molybdenum carbide. As far as the reaction was concerned
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it was generally accepted that the reaction proceeded via the formation of C2H2 (or
C2H4) over the molybdenum carbide species and further cyclization and
aromatization would occur over the acid sites.The successive set of reactions would
produce, via alkylation of benzene, various aromatics among which naphthalene
was the most frequently mentioned, although molecules such as toluene, xylenes
and divinylbenzene were also reported.
The detailed mechanism of the initial C-C bond formation and of the structure of the
active Mo species during catalysis remain unclear. The interaction between the Mo
species and HZSM-5 has a great significance to understand the origin of the activity
of Mo/HZSM-5 in the reaction of aromatization of methane under non-oxidative
conditions.
In an effort to understand different aspects of the aromatization of methane under
non-oxidative conditions, which need further investigation, the following studies have
been carried out;








The effect of dealumination of the zeolite support on the apparent and actual
rates of the reaction over MFI-supported molybdenum catalyst
The effect of CaC2 on the activity of MFI-supported molybdenum catalysts
The effect of support morphology on the activity of MFI-supported
molybdenum catalysts
An EPR (electron paramagnetic resonance) study on Mo-HZSM-5 catalysts:
Investigation of valence states of active molybdenum species
Activities of MFI-supported rhenium catalysts: Effect of cationic form of the
inorganic carrier
The investigation of the primary product for the reaction

Within this context, the following experimental studies have been carried out and the
findings summarized below have been obtained:
A catalyst was prepared by using a surface dealuminated inorganic carrier and its
activity was compared with that of the catalyst prepared by using the corresponding
non-dealuminated inorganic carrier, under two different reaction conditions to
investigate the effect of external surface dealumination of HZSM-5 on the apparent
and actual rates of aromatization of methane. Molybdenum carbide associated with
the surface dealuminated H-MFI appeared to be more active and more stable than
when associated to the parent H-MFI, contrary to the expectation, in the conversion
of a 1:1 mixture of methane and argon at atmospheric presssure and low flow rate
(HPLF experiment). By contrast, under a low methane partial pressure and a high
flow rate (LPHF experiment), the expected order of activity was found; the carbide
associated with the parent zeolite showed a significantly higher activity. The
discrepancy shown by the results of the two sets of experiments was interpreted in
terms of a more rapid deactivation of the most active catalyst under a high methane
load, resulting in a lower apparent activity. The higher stability of the carbide
associated with the surface dealuminated zeolite resulted from the elimination of the
surface sites which produce bulky aromatics with low vapor pressure leading to a
rapid clogging of the pore mouths of the zeolite, in line with the general background
on zeolite catalysis.
The activities of the catalysts treated with CaC2 were compared with the activities of
those which were not precarburized or prepared by precarburization with CH4/H2
mixture to investigate the effect of CaC2 on the activity of HZSM-5 supported
molybdenum catalysts for the aromatization of methane. The highest activity values
were obtained with the catalysts treated with CaC2. Induction period seen in the
case of the sample prepared without precarburization decreased with CaC2
treatment. CaC2 loading above a certain value, however, gave poor results possibly
due to pore blockage in the support. All samples, precarburized with CaC2 or CH4/H2
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mixture or carburized in the course of the reaction, deactivated in a similar manner
after the variable induction period.
In an effort to understand the effect of inorganic support morphology on the activity
of the catalyst, the methane aromatization reaction was investigated over Mo2C
supported on three HZSM-5 zeolites with different morphologies and various Si/Al
ratios. X-ray diffraction, elemental analyses, X-ray photoelectron spectroscopy, 27Al
NMR spectroscopy, nitrogen adsorption and scanning electron microscopy were
used to characterize these supports. Support morphology was observed to play a
crucial role in this reaction, which was studied under conditions where actual rates
could be compared. Although rates did not vary linearly either with the total number
of the acid sites or with the external surface area, turnover frequencies of the
surface acid sites, calculated using the Si/Al ratio determined from the XPS
measurements were observed to vary linearly with the external surface area.
The valence of molybdenum species on MoHZSM-5 catalyst was investigated for
the aromatizaton of methane. Electron Paramagnetic Resonance (EPR) and 27Al
Nuclear Magnetic Resonance (NMR) Spectroscopies were used to probe the nature
of the phases formed during the conversion of methane at high temperature on the
Mo/HZSM-5 catalyst. It was shown that ammonium 6-molybdoaluminate III
supported over silica gave rise, when reduced, to an EPR signal due to Mo 5+ ions
with the odd electron interacting with the nonzero nuclear spin of aluminum in much
the same way as in HZSM-5. Therefore the occurrence of this particular spin
interaction might not be taken as evidence of the location of the Mo5+ ions located at
the exchange sites of the zeolites. Rather, combined 27Al NMR and EPR
investigation of the reduction of an authentic aluminum molybdate suggested that
the observed signal in the case of the zeolite composite catalyst was due to Mo5+
ions formed within the Al2(MoO4)3 extra phase formed upon dealumination of the
zeolite in the presence of molybdenum.
MFI type inorganic carrier was used in two different cationic forms, hydrogen and
calcium respectively and MFI-supported molybdenum and rhenium catalysts were
prepared to investigate the effect of cationic form of the inorganic carrier on the
aromatization reaction of methane. The activities of the catalysts were compared for
the aromatization reaction. Higher activity values were attained with the catalysts
supported on HZSM-5. Aromatics were also observed with the catalysts supported
on CaZSM-5, despite their deficiency in acid sites. Highly dispersed rhenium is
expected to be formed with the use of the inorganic carrier in calcium form. On the
other hand, lower reaction rates were observed with rhenium supported on CaZSM5, in spite of the improved dispersion of the active rhenium species on this catalyst.
This was interpreted in terms of the critical role of the acid sites in the conversion of
methane to aromatics, compared to the improved dispersion of the active metal.
The nature of the primary product (acetylene or ethylene) has been investigated
during the period when the molybdenum based catalyst was extremely deactivated.
Acetylene and ethylene were observed after the deactivation of the catalyst. On the
other hand, any aromatic products, namely benzene and naphthalene have not
been detected in this period, in which the catalyst deactivation was advanced. The
detection of acetylene only after advanced deactivation was possibly due to the
rapid hydrogenation of acetylene to ethylene in the hydrogen rich atmosphere. This
indicates that C2H2 could be the primary product for the reaction of aromatization of
methane over the Mo2C/H-ZSM-5 catalyst.
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1. INTRODUCTION
Methane, which is the main component of natural gas, is mainly used for home and
industrial heating [1]. In recent years, there is also a rising demand for natural gas to
fuel efficient new gas turbine power plants to produce electricity. In the International
Energy Outlook 2002 reference case [2], the projections for natural gas consumption
by electricity generators show more rapid growth than the projections for any other
fuel. Although coal is expected to remain the predominant fuel used for power
generation, natural gas market share of total world energy consumption for
electricity generation in 2020 is projected to be 26 percent, compared with coal’s 32
percent [2].
The amount of natural gas traded across international borders continues to grow,
having increased from 19 percent of the world’s consumption in 1995 to 23 percent
in 2002 [3]. Pipeline exports grew by 46 percent between 1995 and 2002, and trade
in liquefied natural gas (LNG) grew by 62 percent. Numerous international pipelines
are either planned or already under construction. Projected increases in world
natural gas consumption will require bringing new gas resources to market. The fact
that many sources of natural gas are far from demand centers, coupled with cost
decreases throughout the LNG chain, has made LNG more economical, contributing
to the expectation of strong worldwide growth for LNG [2]. The economics of
transporting natural gas to demand centers currently depend on the market price,
and the price of natural gas is not as straightforward as the pricing of oil. More than
50 percent of the world’s oil consumption is traded internationally, whereas natural
gas markets tend to be more regional in nature, and prices can vary considerably
from country to country. In Asia and Europe, LNG markets are strongly influenced
by oil and oil products rather than natural gas prices [2]. On the other hand, 4% of
the natural gas produced is flared or vented in the transportation step, which is a
waste of a hydrocarbon source [1].
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Despite high rates of increase in natural gas consumption, particularly over the past
decade,

most

regional

reserves-to-production

ratios

have

remained

high.

Worldwide, the reserves-to-production ratio is estimated at 60.0 years. Central and
South America has a reserves-to-production ratio of 71.8 years, the Former Soviet
Union (FSU) 79.6 years, and Africa 86.2 years. The Middle East’s reserves-toproduction ratio exceeds 100 years. Since the mid-1970’s, world natural gas
reserves have in general increased each year (Fig. 1.1.) [3].
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Fig. 1.1. World natural gas reserves by region, 1975-2004; EE: Eastern Europe,
FSU: Former Soviet Union, [3]
As of January 1, 2004, proved world natural gas reserves were estimated at 6,076
trillion cubic feet, 575 trillion cubic feet (10 percent) more than the estimate for 2003
[3]. The majority (about 72 percent) of the world’s natural gas reserves are located
in the Middle East and the FSU (Fig.1.2). Russia and Iran together account for
almost one-half of the world’s natural gas reserves (Table 1.1).

2

Industrialized Asia
Western Europe
Central and South America
North America
Developing Asia
Africa
Eastern Europe/Former Soviet Union
Middle East
0

500

1000

1500

2000

2500

3000

Trillion Cubic Feet

Fig. 1.2. World natural gas reserves by region as of January 1, 2004 [3]
Table 1.1. World natural gas reserves by country as of January 1, 2004 [3]
Country

Reserves

(Trillion

Cubic Percent of World

Feet)

Total

World

6076

100

Top 20 Countries

5449

89.7

Russia

1680

27.6

Iran

940

15.5

Qatar

910

15

Saudi Arabia

231

3.8

United Arab Emirates

187

3.1

United States

177

3.3

Algeria

160

2.6

Venezuela

148

2.4

Nigeria

159

2.6

Iraq

110

1.8

Turkmenistan

101

1.9

Indonesia

90

1.5

Australia

90

1.5

Malaysia

75

1.2

Norway

75

1.2

Turkmenistan

71

1.2

3

Uzbekistan

66

1.1

Kazakhstan

65

1.1

Netherlands

62

1.0

Canada

59

1.0

Egypt

59

1.0

Rest of World

628

10.3

The U.S. Geological Survey (USGS) periodically assesses the long term production
potential of worldwide petroleum resources (oil, natural gas and natural gas liquids).
According to the most recent USGS estimates, released in the World Petroleum
Assessment 2000, a significant volume of natural gas remains to be discovered. The
main estimate for worldwide undiscovered gas is 4258 trillion cubic feet (Fig. 1.3),
which is approximately double the worldwide cumulative consumption forecast in
IEO 2004. Reserves plus resources are four times the cumulative consumption
forecast [3].
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Fig. 1.3. World proven and undiscovered natural gas reserves by region as of
January 1, 2004 [3]
Of the total natural gas resource base, an estimated 3,000 trillion cubic feet is in
“stranded” reserves, usually located too far away from pipeline infrastructure or
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population centers to make transportation of the natural gas economical. Of the new
natural gas resources expected to be added over the next 25 years, reserve growth
accounts for 2,347 trillion cubic feet [3]. For these reasons, the production of high
grade fuels or chemicals from methane has a particular importance to utilize the
huge amount of methane sources effectively.
1.1. Methane Utilization Methods
Conversion of methane into useful chemicals has been and still is a subject of
worldwide renewed efforts. Several routes have been explored over the previous
two decades. In addition to methane conversion into syn gas which is of real
industrial significance, more ambitious routes such as direct conversion into
oxygenates [4-6], methanation of olefins [7], oxidative coupling of methane [8-11]
and conversion of methane into benzene and hydrogen were explored [12-29].
1.1.1. Indirect Methods for Methane Utilization
All indirect routes for the utilization of methane require carbon monoxide and
hydrogen (synthesis gas) and further utilization of synthesis gas. The production of
CO and H2 in the appropriate ratios is achieved through three principal processes or
combinations thereof;



Synthesis Gas Production
o

Steam Reforming

o

Carbon Dioxide Reforming

o

Partial Oxidation



Methanol Synthesis and Methanol-to-Gasoline (MTG) Process



Fischer-Tropsch Synthesis

1.1.1.1. Steam Reforming Process
Steam reforming (STR) is a mature technology and is widely used to generate
syngas for the production of hydrogen for ammonia synthesis or the production of
methanol and oxo-alcohols (aliphatic alcohols like propanols or butanols obtained by
oxo-synthesis) [30]. The reversible reaction of methane with steam is highly
endothermic (Eq.1.1)
CH4 + H2O  CO + 3H2

ΔH=205.7 kJ/mol

(1.1)

CO + H2O  CO2 +

ΔH=-41.1 kJ/mol

(1.2)

H2
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Usually, the water gas shift reaction approaching equilibrium follows the reaction
with steam (eq.1.2). Consequently, a mixture consisting of H2, CO, CO2 and unused
CH4 is obtained. The concentration of the various components depends on
temperature, pressure and the molar H2O to CH4 ratio. In spite of the exothermicity
of the water gas shift reaction (WGS), the overall reaction enthalpy of the STR
process is still positive (H=164.6 kJ/mol). Industrial catalysts used for different
types of methane STR are exclusively based on supported nickel. Because the
operation conditions for primary steam reforming (850°C, pH2O=20 bar) are severe,
only -alumina, magnesia, magnesium aluminum spinel or zirconia are commonly
used as thermoresistant carriers. If calcium aluminate is combined with alumina, a
support of high mechanical strength is achieved [30].
In the case of natural gas, all traces of sulfur in the feed are adsorbed on the
catalyst. The adsorbed sulfur poisons the catalyst, constituting the main cause for
catalyst deactivation, and the feed must be carefully desulfurized by hydrogenation
and adsorption of H2S (on ZnO) to ensure adequate catalyst life [30].
The need for elevated temperatures and high pressures of steam favoring H2 and
CO at equilibrium and deactivation of the nickel catalyst by coke formation are the
disadvantages of this process [30].
1.1.1.2. Carbon Dioxide Reforming Process
The reduction of iron ore requires synthesis gas with a high CO content, which is
produced from methane and CO2 (Eq.1.3) [30].
CH4

+

CO2



2CO + 2H2 H°298K=247 kJ/mol

(1.3)

This reaction is similar to methane STR and is therefore known as the CO 2-methane
reforming process.
1.1.1.3. Partial Oxidation Process
Partial oxidation is a slightly exothermic reaction (Eq.1.4):
CH4

+

1/2O2  CO + 2H2 H°298K=-35 kJ/mol

(1.4)

But it requires oxygen or air. Partial oxidation involves two stages:


Total combustion of part of the CH4 to produce the heat necessary for steam and
carbon dioxide reforming



Reforming of the remaining CH4 with CO2 and H2O.
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The use of oxygen prevents the coking problem of the catalyst seen in the steam
and CO2 reforming, but the necessity of handling large quantities of undiluted
oxygen is a big drawback facing this process. Heat management issues are
common to both processes (steam reforming or partial oxidation) because large
quantities of heat must be supplied in the steam reforming process, whereas, a
large amount of heat is released in the partial oxidation of methane [30].
1.1.1.4. Methanol Synthesis and Methanol-to-Gasoline (MTG) Process
Methanol has grown to become one of the top ten petrochemicals, due to its high
consumption. The main applications are for formaldehyde, methyl tertiary butyl ether
(MTBE) and acetic acid production and as a solvent or gasoline extender.
Methanol is also an important reactant for the reaction of methanol to hydrocarbons.
The reaction is the basis of Mobil'’ methanol-to-gasoline process (MTG). The MTG
process is commercially practiced in New Zeland, where it is used to convert
offshore natural gas to high octane gasoline via methanol. The reaction is catalyzed
by the synthetic zeolite ZSM-5 [30].
The conversion of synthesis gas to methanol and the zeolite-catalyzed formation of
hydrocarbons from methanol is represented by the following general scheme [30]:
CO + 2H2  CH3OH H°298K, 50 bar=90.7 kJ/mol

(1.5)

-nH2O
n/2[2CH3OH  CH3OCH3 + H2O]

CnH2n

n[CH2]

(1.6)

where [CH2]=average formula of alkane-aromatics mixture.
The reaction is sequential, comprising three distinct, though kinetically coupled,
steps :


Dimethylether formation (DME)



Alkene formation



The formation of alkanes (parafins) and aromatics.

A distinct feature of MTG hydrocarbon distribution is their truncation at carbon
numbers around C10. This is a consequence of catalyst shape selectivity, and is
significant for gasoline manufacture since C10 is the normal end point of gasoline
[30].
A derivative process, the methanol-to-olefin process (MTO) has been developed
and demonstrated on a semi-industrial scale. Methanol is converted to olefins over a
moderately acidic SAPO-34 moleculer sieve [30].
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In spite of the technical success of methane conversion to fuels and aromatics, the
cost of the product becomes noncompetitive with that of gasoline produced at
conventional refineries and the commercial process in New Zeland was modified to
produce only methanol [30].
1.1.1.5. Fischer-Tropsch Synthesis
Fischer and Tropsch reported in 1923 on their invention that iron promoted by alkalis
can produce liquid fuels from syngas at high pressures. The production of individual
alkanes and alkenes from syngas can be formally described by the following
stoichiometric equations [30]:
nCO + (3n+1)H2  CnH2n+2 +
nCO + 3nH2

nH2O

(1.7)

 CnH2n + nH2O

(1.8)

Characteristic of both reactions is the high exothermicity. For example, the formation
of one mole of –CH2-, a building unit for the hydrocarbon chain growth, is
accompanied by a release of 165 kJ/mol. Methane, which is the least desirable
product, is thermodynamically more stable, while the formation of methanol is very
unfavorable [30].
All experimental results on the mechanism of F-T synthesis indicate that FTS runs
as follows [30]:


CO dissociates



C is hydrogenated to CHx and oxygen to water



Chain growth occurs by stepwise addition of one-carbon units, CHx

Shell Middle Distillate Synthesis Process is a new process, recently put into
operation in Malaysia [1,30]. It comprises several units including:


F-T component to convert the methane to high quality fuels and chemicals



The Shell gasification process
CH4 + O2  2CO + 4H2



The heavy paraffin synthesis process, which is a FTS with an oxide-promoted
cobalt catalyst



The heavy paraffin conversion, a cracking unit with molecular sieves as catalysts



A hydrogenation unit



A wax production unit

Under the operating conditions applied, the production of low molecular weight
hydrocarbons is minimized, and the main products are heavy hydrocarbons which
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are selectively hydrocracked down to the size of molecules in middle distillates.
Paraffins are distilled into essentially three fractions [1,30] :


Gas oil (Diesel)



Kerosene



Naptha

The products contain virtually no aromatics, nor do they contain low-boiling
hydrocarbons, hence they do not smell badly. They can be used as such or blended
with fuels from oil refineries to suppress the aromatics content [30].
In view of gasoline production, the product of the F-T reaction requires fractionation
and further upgrading to yield comparable quality of gasoline, while the MTG
process converts methanol directly to high octane gasoline [30].
1.1.2. Direct Methods for Methane Utilization
Direct methods for the conversion of methane to the desired products circumvent
the expensive syn-gas step [1]. Direct methods for methane utilization studied up to
date are:


Methanol synthesis by methane activation



Oxidative coupling of methane



Aromatization of methane under nonoxidative conditions

1.1.2.1. Methanol Synthesis by Methane Activation
Direct synthesis of methanol from methane by selective oxidation seems like an
attractive route, bypassing the synthesis gas production step, but even the best
results are below the target yield of 25% per pass, which could make the process
attractive [30].
The mercury salt-catalyzed transformation of methane into methyl bisulfate at 450K
and subsequent hydrolysis of the sulfate according to the reactions given below

CH4 + 2H2SO4  CH3OSO3H + H2O + SO2

(1.9)

CH3OSO3H + H2O  CH3OH + H2SO4

(1.10)

is a process developed by Catalytica. The yield of methanol per pass has been
reported to be 40-45% and the selectivity is as high as 86%. Heats of reactions
have to be recovered at the relatively low temperature, which makes it less valuable
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than in conventional methanol technology. The process obviously also needs to be
coupled with a sulfuric acid unit. The use of mercury makes the process somewhat
unattractive [30].
1.1.2.2. Oxidative Coupling of Methane
In the oxidative coupling reaction, CH4 and O2 react over a catalyst at elevated
temperatures to form C2H6 as a primary product and C2H4 as a secondary product.
The target molecule is ethylene, not only because of price but also because of the
size of the market. Ethylene is by far the largest volume organic chemical, with
6x1010 kg being produced in 1992. In addition to these desirable products, CO x (CO
and CO2) products are formed. The conversion of methane to COx is not desirable
since it represents a loss of carbon. Moreover, the formation of CO 2 is a highly
exothermic reaction, and the removal of heat would be a formidable engineering
problem under commercial operation [1,30].
Oxidative coupling reactions generally take place at 920-1150 K, therefore one is
often operating on the limits of catalytic combustion, where the availability of oxygen
largely dictates the C2+ selectivities.
In the work on oxidative coupling of methane carried out by Baerns and co-workers
[4], a PbO/Al2O3 catalyst was able to achieve 58% C2 selectivity at 5% CH4
conversion whereas, Ito and coworkers reported that a lithium-promoted MgO
catalyst, Li/MgO, resulted in 50% C2 selectivity at 28% conversion. In earlier studies,
the goal of the applied research was often to maximize C2 yield by varying catalyst
composition, reagent partial pressure etc ; however, economic evaluations have
shown that C2 selectivity is more important than yield provided one can obtain a
modest level of CH4 conversion. The maximum selectivity and conversion that can
be achieved are related, and it is often useful to consider the sum of the two. For the
best catalysts that are known at this time, the sum of the selectivity and conversion
is ca. 100 obtained by using 2wt% Mn / 5wt%Na2WO4 / SiO2 catalyst with C2+
selectivity of 81% at 20% CH4 conversion. It is also surprising that this catalyst is
highly selective because transition metal oxides usually favor the formation of CO x
[30].
The reaction network is interesting from a fundamental perspective because it is an
example of a heterogeneous-homogeneous system. Methyl radicals that are formed
at the surface of the catalyst enter the gas phase where they couple to form ethane.
The initial activation step for ethane is believed to be the same with CH4 activation
[30]. In the presence of oxygen the reaction,
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C2H5’ + O2  C2H4 + HO2’

(1.11)

prevails over coupling or the unimolecular loss of H’.

Both CO and CO2 are

produced as byproducts during CH4 coupling, but CO is converted to CO2 over most
of the catalysts. These oxides of carbon, which will be collectively referred to as
COx, may be derived from all of the three hydrocarbons according to the generalized
notation of Scheme 1.1 [30].
ka
CH4

kb
C2H6

C2H4

COx
Scheme 1.1. The mechanism of COx formation [30]
Even though the current costs of raw materials indicate that an economical process
for the conversion of methane to ethylene might be based on the oxidative coupling
reaction, several studies have indicated that the cost of producing ethylene in this
manner is only marginally acceptable. In the absence of detailed operating data,
assumptions must be made in performing these economical evaluations, and the
estimates of ethylene production costs vary by a factor of more than two. It is clear
that a large percentage of the operating costs (up to 80%) involves gas separation,
in particular, the separation of ethylene from the reactor effluent. At current levels of
conversion and selectivity, separating ethylene from a stream that contains a large
excess of unreacted methane, along with other minor components may be highly
costly [1,30].
Although research on the oxidative coupling of methane has not resulted in a
commercial process, it has provided insight into an interesting class of
heterogeneous-homogeneous radical reactions. Incremental advances in catalyst
development are continuing, but additional research is needed to integrate
advanced separation technology with novel reactor design. Oxygen separation from
air is still required [1,30].
1.1.2.3. Aromatization of Methane Under Non-Oxidative Conditions
Many of the processes described above, whether direct or indirect, require the use
of oxygen, which has a cost that is either equivalent to or greater than the cost of
methane. The formation of oxygen containing products provides a thermodynamic
driving force so that the reaction has a negative free energy. But with the kinetically
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controlled direct oxidation reactions, the formation of the undesirable product CO2
severely limits the yields that may be achieved. There are, however, a limited
number of methane conversion reactions that result in hydrocarbon products but do
not require an oxidant as in the case of the catalytic conversion of methane to
benzene, toluene, naphthalene and hydrogen. The equilibrium for a C-H system at
1 atm. is shown in Fig.1.4 [1] and the thermodynamic equilibrium data for the
conversion of methane to benzene and hydrogen is given in Table 1.2 [31].

Fig. 1.4. Effect of temperature on the thermodynamic equilibrium composition of the
C–H system (excluding graphite and polycyclic aromatic molecules except
naphthalene) at 1 atm pressure [1]
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Table 1.2. The thermodynamic equilibrium data for the conversion of methane to
benzene and hydrogen at 1 bar for different temperatures [31]
T, °C

Conversion, %

PCH4

PH2

27

0

0.99999996

0.000000035 0.00000000389

127

0.001

0.99999136

0.00000778

0.000000864

227

0.014

0.99976472

0.00021175

0.0000235

327

0.135

0.99775062

0.00202444

0.00022494

427

0.697

0.98843204

0.01041116

0.0011568

527

2.429

0.96016973

0.03584725

0.00398303

627

6.42

0.89739503

0.09234448

0.0102605

727

13.875

0.78832616

0.19050645

0.02116738

827

25

0.64285714

0.32142857

0.03571429

927

39.445

0.47946912

0.46847779

0.05205309

PC6H6

At 700°C, e.g., the equilibrium conversion of CH4 would be about 12%, with about
half the CH4 going to benzene and half to naphthalene [1]. The other major product
is H2, which also has a significant value. The overall reactions for the formation of
benzene, toluene and naphthalene are:
6CH4

C6H6

+

9H2

(1.12)

7CH4

C7H8

+

10H2

(1.13)

10CH4

C10H8

+

16H2

(1.14)

The reaction is carried out in the presence of various transition metal oxide-loaded
inorganic carriers. Mainly molybdenum- and rhenium-based active components
deposited over HZSM-5 were thoroughly investigated [24-29].
Lunsford et al. [17] performed a systematic study on the effect of transtion metal
ions. Mo, Fe, Cr, W and V/H-ZSM-5 catalyst samples were compared. It was seen
that Mo-, Fe, V-, W-, and Cr-loaded H-ZSM-5 zeolites are able to selectively convert
methane

to

aromatics,

and

the

activity

decreased

in

the

order

of

Mo(18.3)>W(10.8)>Fe(5.7)>V(3.9)>Cr(1.5), where the numbers in parantheses are
the rates of methane reaction (molec.reacted/metal atom/h) obtained after 3h on
stream.
Rhenium as the active transtion metal ion was first studied by Ichikawa et al. [28].
They showed that the selectivity to naphthalene was lower and that of benzene was
higher on Re/HZSM-5 catalyst than that on Mo/HZSM-5.They found that the
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aromatization of methane on the Re/HZSM-5 catalysts proceeds at rates of product
formation comparable to the reference data on Mo/HZSM-5, which has been thought
to be a unique catalyst for the aromatization reaction of methane.
A series of Mo-supported catalysts with inorganic carriers, namely HZSM-5, FSM16, mordenite, USY, SiO2 and Al2O3 was compared by Ichikawa et al. [21]. They
conluded that Mo-loaded HZSM-5 offers the highest activites and selectivities for
aromatic products such as benzene and naphthalene in the aromatization of
methane. Recently, Ha et al. showed that Mo/MCM-22 was twice more active than
Mo/ZSM-5. This was attributed to the more open topolgy of MCM-22, which
facilitated the migration of Mo ions towards exchangeable positions thus favoring Mo
dispersion, and also which reduced the diffusion limitations of the aromatic products
[32].
In the case of molybdenum-based catalysts, the activation procedure was
scrutinized and it was generally agreed that whatever the nature of the precursor,
molybdenum was converted, in the presence of methane, under the reaction
conditions, into molybdenum carbide [14,15,26].
It was found by Lunsford et al. [15] that the disappearance of Mo6+ from the original
MoO3 and formation of Mo2C were virtually complete after exposure of the calcined
catalyst to CH4 for a period of time corresponding to the initial activation period. It
was suggested that Mo2C might be the active species responsible for the initial
activation of methane. This proposal was supported by the observations that
unsupported Mo2C could also activate methane, and that the addition of CO2 to the
reactant stream reoxidized Mo2C to Mo6+, Mo5+, and Mo4+ ions, causing a complete
loss of activity for the formation of benzene.
Quite recently, Derouane and colleagues [33-35] showed that it was possible to
synthesize bulk or supported metastable fcc molybdenum carbide with a formula
MoC1-x. H-MFI supported fcc carbide exhibited higher activity and stability, and
selectivity to benzene in the dehydrocyclization of methane than the hexagonal β
Mo2C. Yet, its higher selectivity to benzene, very likely to be the major reason for its
better stability was not investigated further.
The detailed mechanism of the initial C-C bond formation and of the structure of the
active Mo species during catalysis remain unclear. Xu et al. [12] speculated that
heterolytic splitting of C-H bonds in CH4 on acid sites and molybdenum carbene like
complexes were involved. These molybdenum carbene complexes were suggested
to dimerize to form ethylene as the first product. These authors have also suggested
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that the active centers should consist of partialy reduced molybdenum oxide species
MoO3-x. Lin et al. [36] proposed that the activation of methane to form CH3 free
radicals required the synergistic involvement of MoOx and Bronsted acid sites and
that the CH3 free radicals then dimerized in the gas pahse to form ethane as the
primary product. These early mechanistic proposals have remained speculative and
lack direct expermental support. Lunsford et al. [15], using x-ray photoelectron
spectroscopy, showed that Mo2C was present in Mo/H-ZSM5 catalysts after CH4
reactions. They suggested that molybdenum carbide clusters within zeolite channels
were involved in the rate-determining C-H bond activation steps to form ethylene
and H2 as products [15]. Iglesia et al. [26] proposed that the reduction and
carburization of (Mo2O5)2+ species during CH4 reactions caused the formation of
MoCx clusters (0.6-1 nm diameter) and the concurrent regeneration of the bridging
OH groups initially displaced by the Mo oxo dimers during catalyst synthesis. In this
manner, MoOx species initially exchanged but catalytically inactive would convert
into the two catalytic functions required for CH4 conversion: MoCx for C-H bond
activation and C2 formation and Bronsted acid sites for the formation of aromatics
from C2.
As far as the reaction was concerned, it was generally accepted that the reaction
proceeded via the formation of C2H2 (or C2H4) over the molybdenum carbide
species. Ethylene appeared to be the most likely initial product of CH4 conversion
over Mo/ZSM-5, since its selectivity increased continously with increasing reaction
space velocity, while those of other products simultaneously decreased [14]. On the
other hand, P. Meriaudeau et al. [19] measured acetylene in minor concentrations
compared to etylene in their study. Upon decreasing the contact time, acetylene
pressure increased while the opposite was observed for ethylene and benzene. This
observation suggested that acetylene could be the primary product whereas C2H4
and C6H6 exhibited the behaviour, with respect to the contact time, of secondary
products [19].
Further cyclization and aromatization would occur over the acid sites as seen in
Figure 1.5. The successive set of reactions would produce, via alkylation of
benzene, various aromatics among which naphthalene was the most frequently
mentioned, although the molecules such as divinyl benzene were also reported.
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C2

B e n ze n e

C2

V in iyl b e n ze n e

C2

D ivin iyl b e n ze n e

N a p h th a le n e
C2

V in iyl n a p h th a le n e

A n th ra ce n e

Fig. 1.5. The possible reaction sequence of alkylation and hydrogenation of
benzene and subsequently formed products
Interestingly, the most abundantly produced molecule, i.e. H2, was not always
analyzed quantitatively. Also given the rather high temperature domain, due to
thermodynamic limitations, various carbon species were formed which escaped
analysis and resulted in a gradual deactivation of the catalyst.
A number of studies were aimed at probing the nature of these carbon species and
at identifying their nature, location and mode of formation [37, 38]. It was shown that
three different types of surface carbon species were present on an active Mo/HZSM-5 catalyst: (a) graphitic-like C which was mainly present in the zeolite channel
system; (b) carbidic-like carbon in Mo2C which was predominantly located at the
outer surfaces of the zeolite and (c) hydrogen-poor sp-type or pregraphitic-type of
carbon. This carbon, which was formed by the decomposition of methane during the
catalytic reaction was mainly present on the outer surfaces of the zeolite and its
amount increased with increasing time-on-stream [37].
The interaction between the Mo species and HZSM-5 has a great significance to
understand the origin of the activity of Mo/HZSM-5 in the reaction of aromatization of
methane under non-oxidative conditions. The valence states of Mo species together
with the location of such species could give valuable information about the nature of
the active centers and the reaction mechanism. Many studies were directed at
probing

the

nature

of

the

interaction

of

molybdenum

with

HZSM-5

[15,21,26,39,40,41] and the valence state of active molybdenum species. For
example Ma et al.[41] investigated the interaction of molybdenum with H-ZSM-5
using EPR spectroscopy and reported a number of Mo signals that they found to be
unique to this system. The peculiarity of this binary system is residing in the
occurrence of a superhyperfine structure interpreted in terms of Mo5+ at the zeolite
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exchange sites clearly interacting with the relevant aluminum nucleus. They also
suggested, from the fact that the highest aromatic formation rate was reached
during the same half-hour period where the Mo5+ signal retained a quite large
intensity after which it steadily declined, that fully reduced Mo2C species in
combination with the partially reduced MoOx species were responsible for the
methane dehydro-aromatization activity. Although it was not stated explicitly, it may
be understood, from the reducibility sequence, that these MoOx species were in fact
those labelled Al(II)…Mo5+ ,the very last to be reduced.
The possible interaction mechanism was proposed by Iglesia et al.[22]. According to
the proposal, surface migration of MoOx onto H-ZSM5 can occur at high
temperatures because lattice mobility within MoO3 becomes possible above its
Tammann temperature (534K). Sublimation of MoO3 becomes detectable above
623-673 K and MoO3 reaches a vapor pressure of 56 Pa at 973 K as (MoO3)n
oligomers (n=2-5). H2O formed during decomposition of ammonium molybdate
precursor can form MoO2(OH)2, which has a vapor pressure of 4.9 Pa at 973 K. As
isolated MoOx species migrate into zeolite channels via gas phase or surface
diffusion, they react with H+ at exchange sites to form (MoO2(OH))+ species, which
can condense with another one to form a (Mo2O5)2+ dimer and HzO (Scheme 1.2.).
M o O 2O H

H

M o O 2O H

O2
MoO 3 + 2 O
Al

+

O
>773 K
Si
Al

Si

O

O

O2

Mo

O

7 7 3 -9 7 3 K

Al

6+

O
Mo

6+

O

O

Si

O

O
Al

+ H 2 O (g )

Si

Al

Si

+

Scheme 1.2. Reaction of MoO3 species with H at exchange sites to form a
(Mo2O5)2+ dimer and HzO
(MoO2(OH))+ species can also react with a zolite OH group to form a (MoO 2)2+
cation bridging two acid sites and water (Scheme. 1.3).
M o O 2O H

H

+

O

O

O

O2

Mo

O

6+

+ H 2 O (g )

7 7 3 -9 7 3 K
Al

Si

Al

O

O

Si
Al

Si

Al

Si

Scheme 1.3. Reaction of (MoO2(OH))+ species with a zolite OH group to form a
(MoO2)2+ cation bridging two acid sites and water
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Recently, as Iglesia et al. called it [23], silanation of the HZSM-5 carrier was carried
out in an effort to decrease the density of external surface acid sites on the one
hand, and the number of molybdenum precursors retained at these external sites as
a result of ion-exchange thought to occur upon physically mixing the HZSM-5 with
MoO3 and subsequent activation on the other hand.They showed conclusively that
the silanation did not affect the nature of the MoOx precursor of the active species
assumed to be molybdenum carbide. However they reported that significant
improvements were observed not only with respect to selectivity and stability as
expected, but also surprisingly with regard to the activity upon silanation of the
HZSM-5 carrier in the pyrolysis of methane [23].
In an effort to understand the different aspects of the aromatization of methane
under non-oxidative conditions, which need further investigation, the following
studies have been carried out:



To understand the reason(s) of the improvements regarding the activity upon
dealumination of the HZSM-5 carrier in the pyrolysis of methane, as claimed
by Iglesia et al. [24], and the specific effect of the external sites, we
investigated the catalytic performance of a similar molybdenum-based
HZSM-5 system where external surface sites were eliminated via selective
dealumination by oxalic acid.



The possible carburization was investigated in the presence of CaC2 as the
carburization agent. We have impregnated the catalyst support, namely
HZSM-5, with ammonium molybdate and treated the catalysts with various
amounts of CaC2 under argon atmosphere at 700°C. The activities of the
catalysts, which are believed to be carburized in the presence of CaC2, were
compared with those of the catalysts, one of which was not precarburized
and the other was carburized with CH4/H2 mixture as was routinely carried
out in the previous studies.



The effect of the morphology of HZSM-5 support on the activity of MFIsupported molybdenum catalysts was investigated. Three HZSM-5 zeolite
samples which differ in their morphology and aluminum content were used.
The supports were characterized by X-ray diffraction (XRD), inductively
coupled plasma (ICP), X-ray photoelectron spectroscopy (XPS),
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Al NMR

spectroscopy, nitrogen adsorption and scanning electron microscopy (SEM)
analyses.



The valence state of active Mo species of molybdenum supported zeolite
catalysts was investigated by
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Al Nuclear Magnetic Resonance (NMR) and

18

Electron Paramagnetic Resonance (EPR) spectroscopy.

The aim of this

study is to investigate the Mo valence states in relation to the changes
occurring within the zeolite in an effort to delineate the role of each reaction
partner.



The effect of the cationic form of the inorganic carrier was investigated for
the aromatization of methane. MFI type inorganic carrier was used in two
different cationic forms, hydrogen and calcium respectively. MFI-supported
molybdenum and rhenium catalysts were prepared. The activities of the
catalysts were compared for the aromatization reaction of methane.



The primary product (ethylene or acetylene) of the reaction has been
investigated in the period when the catalyst was extremely deactivated,
during which the rapid hydrogenation of ethylene could be suppressed if the
ethylene was the initial secondary product.
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2. EXPERIMENTAL
2.1. Test Reaction Unit
The test reaction unit which was used for the reaction of aromatization of benzene is
given schematically in Figure 2.1.

Fig. 2.1. Test reaction unit for aromatization of methane. V:Ball Valve, M:
Manometer, MF:Mass Flowmeter, R:Reactor, 6-WV :Six-Way Valve, NV:Needle
Valve, R:Reactor
In the test reaction unit, a quartz reactor with 14 mm inner diameter was used. All
the gas lines were stainless steel tubings having 1/8 inch diameter and the lines
between the hot chamber and gas chromatographs were heated with heating tapes.
Three gas chromatographs were used to analyze the products. One gas
chromatograph (Intersmat IGC 120 FL model) equipped with a flame ionization
detector (FID) was used to measure the concentrations of aromatic products,
namely benzene, toluene, napthalene, methyl naphtalene, using a Bentone column
(2m x 1/8 ). The aromatic products were analyzed by the temperature profile
starting with 70°C column temperature for 2 minutes which continued by heating the
column to 140°C at a rate of 10°C /min.
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The second gas chromatograph (Intersmat IGC 120 FB model) similarly equipped
with a flame ionization detector (FID) was used for measuring the concentrations of
ethylene, ethane, methane and other posible aliphatics, using a Unibead 3S column
(2m x 1/8 ). The aliphatic products were analyzed at an isothermal column
temperature of 50°C. The third gas chromatograph (Intersmat GC 121 MB model)
equipped with a thermal conductivity cell as a detector was used for hydrogen, CO
and CO2 analyses, using a Carbosieve S column (2m x 1/8 ). Hydrogen, CO and
CO2 were analyzed at the column temperature of 90°C. The sensitivity was within
50 nanomoles.
2.2. EPR Spectroscopy Sample Preparation Unit
In the experiments, the samples for electron paramagnetic resonance spectroscopic
studies were prepared in the test reaction unit shown schematically in Figure 2.2.

Fig. 2.2. The unit for EPR sample preparation V:Ball Valve, M:Manometer, MF:Mass
flowmeter, 6-WV:Six-Way Valve, NV:Needle Valve, R:Reactor
300 mg sample was charged in the reactor which was used for catalytic test
reactions. The required amount of sample (30-50 mg) was introduced in a 4 mm
outer diameter quartz tube (seen in Figure 2.3) under argon atmosphere following
the desired treatments in the test reaction unit. After the purging step, EPR cell was
sealed off the reactor system.
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EPR measurements were performed using a Varian E9 spectrometer operating in
the X-band mode (9.4 GHz) equipped with a 100 kHz field modulation unit. Spectra
were recorded at either 77 K or room temperature.

Fig. 2.3. The EPR cell used in the measurements. V: Valve
EPR tube was made of suprasil quartz which is suited for EPR measurements. The
thin quartz part holding the sample had 4 mm external diameter. The thicker part
where pyrex-quartz connection is, had 7 mm external diameter.
2.3. Experiments to Investigate the Effect of Dealumination on the Apparent
and Actual Rates of Aromatization of Methane Over MFI-Supported
Molybdenum Catalysts
The starting HZSM-5 was synthesized from a batch with the composition 0.1 SiO2 :
0.04 TPAOH : 0.004 Al(NO3)3 : 5H2O at the synthesis temperature of 175°C over a
period of 24 hours. Tetraethylorthosilicate (98 %, Aldrich) as a silica source,
aluminum nitrate (Aldrich) as an aluminum source, 1 molar tetrapropylammonium
hydroxide solution (Aldrich) as an organic template and deionized water were used
in the synthesis. After synthesis, the as-synthesized zeolite was thoroughly washed
with deionized water, filtered and dried at 110°C. Then it was calcined first under N2
and then O2 flow at 500°C to remove the organic template. XRD showed the product
to be a highly crystalline MFI zeolite. 29Si NMR gave a Si/Al ratio of 21, in agreement
with chemical analyses. No non framework aluminum was detected. By contrast, the
Si/Al ratio as measured by XPS was originally 11.6.
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The dealumination was carried out by stirring 4 g of zeolite in 300 ml of 1 molar
aqueous oxalic acid at 70°C for 2h. The zeolite was then separated by centrifugation
and thoroughly washed with deionized water. The final Si/Al ratio as determined by
XPS was 21.4, while the overall ratio, as determined via chemical analysis and
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Si

NMR, was 25. Again no non framework aluminum was detected. Ammonia TPD
confirmed the modest but significant acidity decrease, since the parent zeolite
retained 780 µmole per gram, while the dealuminated sample retained only 640
μmol per gram.
Both the original and dealuminated zeolites were loaded with molybdenum by the
incipient wetness method using appropriate amounts of the zeolite and ammonium
paramolybdate so as to achieve a nominal molybdenum content of 4% by weight.
The molybdenum content was found to be 3.9% by weight for both zeolites, close to
the nominal value, by chemical analyses. The impregnated zeolite was finally dried
at 110°C. A 300mg sample of the dry powder was placed in a U shaped quartz
reactor with 14 mm inner diameter and was heated in flowing O2 at 650°C.
In one type of catalytic experiments, labelled as low pressure (LP) experiment, the
catalyst was subjected overnight to a 730:30 H2:CH4 mixture (total atmospheric
pressure) at 700°C, to achieve carburization of the supported/exchanged Mo
species and prevent the occurrence of metallic molybdenum and/or the deposit of
carbon [29]. Following this treatment, XRD lines at about 34.5 and 39.5 2Θ angles,
apart from the diffraction lines of the MFI structure, were seen indicating that the
procedure recommended by Boudart et al. was indeed appropriate to obtain the
Mo2C carbide. The carburized catalyst was then reacted with a 24:736 CH4:Ar
mixture at a flow rate of 13 l/h, at the same temperature, and the products were
analyzed.
In a second set of experiments, labelled as high pressure (HP) experiments, the
molybdenum loaded zeolite was simply not precarburized but submitted directly
after the O2 treatment and Argon purge to an atmospheric mixture of 380:380
CH4:Ar at 700°C under a total flow rate of 0.75 l/h. Carburization was, thus,
achieved concomittantly with the methane aromatization.Products were analyzed as
described.
The rate of CH4 conversion to benzene in mol CH4/(s.mol Mo) was calculated from
the following equation
rHC = FCH4,inlet . XCH4 to C6H6 . (1/nMo)

(2.1)
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where FCH4,inlet is the total inlet molar flow rate of CH4 in mol/s, XCH4 to C6H6 is the CH4
conversion to benzene, and nMo is the number of moles of molybdenum atoms
present on the catalyst sample. CH4 conversion to benzene (XCH4

to C6H6)

was

calculated from the partial pressures of benzene formed based on the measured GC
responses, reaction stoichiometries, and the differential reactor assumption, as PCH4
to C6H6/PCH4,inlet.

(In case of CH4 conversion to hydrocarbons (benzene, naphthalene

and ethylene), the partial pressures of hydrocarbons formed based on the measured
GC responses were taken into account)
Selectivity to any hydrocarbon product was defined as the ratio of the CH4 converted
to that product to the total CH4 converted to hydrocarbon products.
2.4. Experiments to Investigate the Effect of CaC2 on the Activity of MFISupported Molybdenum Catalysts for the Aromatization of Methane
Wet impregnation method was used to prepare the catalysts. Ammonium molybdate
((NH4)2MoO4, Touzart & Matignon) was dissolved in a minimum volume of water
and HZSM-5 (Si/Al=28, Sud Chemie, Germany) was added to the solution so as to
achieve a nominal molybdenum content of 4% by weight. Chemical analysis
confirmed the molybdenum content to be 3.9 %. The slurry was subsequently dried
at 80°C. A 300 mg sample of the dry powder was placed in a U shaped quartz
reactor with 14 mm inner diameter and was first activated in dry air at 650°C and
then purged by argon flow (Air Liquide UP) at the same temperature, for 30 minutes.
For precarburization in the presence of CH4 and H2, a gas mixture with a CH4/H2
ratio of 0.42 : 10.2 (both in Lh-1) was flown over the catalyst bed for 5h at a
temperature of 700°C. After the precarburization step, the catalyst bed was purged
with argon at the same temperature for 30 minutes. Methane conversion was also
carried out at 700°C using 0.42 L/h methane diluted with argon in order to obtain a
total flow rate of 13 L/h, resulting in a methane partial pressure of about 24.6 Torrs
in the CH4/argon mixture.
For precarburization with CaC2, 300 mg sample of Mo/HZSM-5 (3.9 wt % Mo), after
being activated in dry air at 650°C, was cooled to room temperature under argon
atmosphere. At room temperature, CaC2 (4, 8, 16, 24 and 32 mg) was added to the
sample and was then mechanically mixed thoroughly with the sample under argon
atmosphere. The CaC2 – Mo/HZSM5 mixture was subsequently heated to 700°C
under argon atmosphere. XRD analyses showed that the MFI structure suffered no
damage from either the CH4/H2 or the CaC2 treatments. CH4/argon mixture was then
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fed to the reactor for the test reaction. As usual, the reaction mixture consisted of
0.42 L/h CH4 in the diluent gas, argon, and the total flow rate of the CH4/argon
mixture was adjusted to 13 L/h. Products were analyzed as described.
For quantitative evaluation of coke formation, rate of CH4 conversion to coke (mol
CH4/(s.mol Mo)) was calculated from the following equation
rcoke = FCH4,inlet . XCH4 to coke . (1/nMo)

(2.2.)

where XCH4 to coke is the CH4 conversion to coke. CH4 conversion to coke was derived
from the measured total H2 formed in excess to that stoichiometrically produced
upon the formation of all detected products, (for example: 2 CH4  C2H4 + 2 H2
or 7 CH4  C7H8 + 10 H2) and by assuming that coke formation was due to the
simple decomposition of CH4 into C and H2.
2.5. Experiments to Investigate the Effect of Support Morphology on the
Activity of MFI-Supported Molybdenum Catalysts for the Aromatization of
Methane
One of the support samples was synthesized according to the method of Argauer et
al.[42], using the oxide composition given below::
40 SiO2 : Al2O3 : 11.7 Na2O : 3.5 (TPA)2O : 1480 H2O
Aluminum

sulfate

(Al2(SO4)3.18H2O,

Aldrich),,tetrapropylammonium

bromide

(TPABr, Aldrich), silica (SiO2, Grace) and demineralized water were the chemicals
used in the synthesis. 10 g Al2(SO4)3.18H2O was dissolved in 120 ml water. 16 g
TPABr was dissolved in 100 ml water. These two solutions were combined together.
36 g SiO2 was dissolved at about 60°C in the caustic solution prepared by adding 14
g NaOH to 180 ml water. The mixture of aluminum and template solutions was
poured into the silica solution under agitation. The measured pH of the new solution
was 11.45. The pH of the solution was adjusted with 50% concentrated H2SO4
solution until gel formation. The measured pH of the gel was 10.6. The synthesis
mixture was then left to crystallize for 24 hours at 170°C in a teflon container placed
in an autoclave. After synthesis, the ZSM-5 sample was washed until the pH of the
washing water was about 7. The washed sample was dried at 100°C for overnight
and first calcined under N2 flow at 500°C for 24 h and then under O2 at 500°C for 24
h to remove the organic template. Si/Al ratio of the synthesized sample was 14.
The second sample was synthesized from the following synthesis mixture
composition:
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100 SiO2 : Al2O3 : 10TPABr :120 NH4OH : 5000 H2O
according to the procedure described by Sand et al. [43]. Crystallization was
extended for 6 days (144 h) at 177°C. Si/Al ratio of the synthesized sample was 54.
The third sample was supplied by Sud-Chemie AG Mûnchen under reference 1.01
H-MFI granulate SN 130 H/99. This sample had a Si:Al ratio of 28.
Wet impregnation method was used to load the supports with molybdenum.
Ammonium molybdate ((NH4)2MoO4 from Touzart & Matignon) was dissolved in a
minimum volume of deionized water and the zeolite was added to the solution so as
to achieve a nominal molybdenum content of 4% by weight. The slurry was
subsequently dried at 110°C. Chemical analyses confirmed the actual molybdenum
contents to be 3.9% by weight for all three zeolites.
Chemical analyses were performed using inductively coupled plasma spectroscopy
(AES –ICP Spectroflame-ICP model D). XRD measurements were carried out using
a Bruker D 5005 diffractometer and Cu Kalpha radiation. 2θ angles were scanned
stepwise (0.020°) from 3 to 80°.
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Al NMR spectra of the samples were obtained on

a Bruker DSX 400 equipped with a Magic Angle Spinning probe head operating at
room temperature. XPS measurements were performed on a VG Scientific
ESCALAB 200 R spectrometer. Scanning Electron Micrographs were obtained on a
Hitachi S 800. Finally, nitrogen adsorption experiments were carried out at -196°C
on a Micrometrics ASAP 2010 system. Samples were evacuated at 300°C prior to
the adsorption measurements.
A 300 mg sample of the dry catalyst was placed in a U shaped quartz reactor with
14 mm inner diameter and was first activated in dry air at 650°C and then purged by
argon flow (Air Liquide UP) at the same temperature, for 30 minutes.
For precarburization in the presence of CH4 and H2, a gas mixture with a CH4:H2
ratio of 0.42:10.2 (both in Lh-1) was flown over the catalyst bed for 5h at a
temperature of 700°C. After the precarburization step, the catalyst bed was purged
with argon at the same temperature for 30 minutes. In the reactions, 0.42 L/h
methane was diluted with argon in order to obtain a total flow rate of 13 L/h,
resulting in a methane partial pressure of 24.6 torrs in the CH4/argon mixture.
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2.6. Experiments to Investigate the Valence States of Active Molybdenum
Species: An EPR Study on Mo-HZSM-5 Catalysts for the Aromatization of
Methane
Silica supported ammonium 6-molybdoaluminate III was prepared by stirring silica
(Davison) in the aqueous solution of the appropriate amount of the above pink
compound to obtain 3% Mo by weight. Excess water was evaporated and the
resulting mixture was dried at 80°C.
6% Mo supported on HZSM-5 sample was prepared in the usual impregnation
method using the same ingredients as in [44].
Aluminum molybdate was prepared according to the procedure described by Smith
et al. [45], upon reacting ammonium molybdate with aluminum nitrate. The gel was
subsequently crystallized by heating in air at 500°C. XRD showed the sample to be
highly crystalline.
EPR measurements were performed using a Varian E9 spectrometer operating in Xband mode (9.4 GHz) equipped with a 100 kHz field modulation unit. 30-50 mg
samples were introduced in a 4mm outer diameter quartz tube under argon
atmosphere following the desired treatment. The set up used to activate and transfer
the samples is depicted in Figure 2.2 EPR spectra could be recorded at room
temperature or at 77K.
MAS
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Al spectra were recorded at room temperature on a Bruker DSX 400 using a

4mm sample holder rotating at 10 kHz and a flip angle of 45° at 0.5 s intervals.
2.7. Experiments to Investigate the Activities of MFI-Supported Rhenium
Catalysts for the Aromatization of Methane: Effect of Cationic Form of the
Inorganic Carrier
An HZSM-5 sample with a Si/Al ratio of 28, a gift from Sud-Chemie (Germany), was
used in the experiments. 5 g of HZSM-5 was ion-exchanged with 250 ml of
saturated Ca(NO3)2 solution. After ion-exchange with Ca2+, the zeolite was
separated by centrifugation and thoroughly washed with deionized water. These
treatments were repeated for three times to assure full ion-exchange. The resulting
zeolite in calcium form has only a few residual acid sites as apparent from the
results of the pyridine adsorption study (weak IR band at about 1547 cm-1) carried
out using infrared spectroscopy (Figure 2.4).
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Fig. 2.4. Pyridine adsorption study on CaZSM-5 by infrared spectroscopy.
Absorbance versus wavenumber in cm-1
Wet impregnation method was used to prepare the catalysts. For HZSM-5supported molybdenum catalyst, ammonium molybdate ((NH4)2MoO4, Touzart &
Matignon) was dissolved in a minimum volume of water and the zeolite was added
to the solution so as to achieve a nominal molybdenum content of 4% by weight.
Chemical analysis confirmed the molybdenum content to be 3.85%. The slurry was
subsequently dried at 80°C. CaZSM-5-supported molybdenum catalyst was
prepared in a similar manner and the molybdenum content of the sample was
confirmed by chemical analysis as 3.9%.
Similarly, MFI-supported rhenium catalysts were prepared with two different cationic
forms of ZSM-5 zeolite (Ca and H). Ammonium perrhenate (NH4ReO4, Aldrich
99+%) was used as the rhenium salt. Ammonium perrhenate was dissolved in a
minimum volume of water, and either HZSM-5 (Si/Al=28, Sud Chemie, Germany) or
CaZSM-5, prepared from HZSM-5 as described above, was added to the solution so
as to achieve a nominal rhenium content of 4% by weight. The slurry was
subsequently dried at 80°C. Chemical analyses confirmed the rhenium contents to
be 3.95 and 3.90%, for HZSM-5 and CaZSM-5, respectively.
In experiments with MFI-supported molybdenum catalysts, a 200 mg sample of the
dry powder was placed in a U shaped quartz reactor with 14 mm inner diameter.
The catalyst was first activated in dry air at 650°C and then purged by argon flow
(Air Liquide UP) at the same temperature, for 30 minutes.The catalyst was then
subjected overnight to a 730:30 H2:CH4 mixture (total atmospheric pressure) at
700°C, to achieve carburization of the supported/exchanged Mo species.
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In experiments with MFI-supported rhenium catalysts, a 200 mg sample of the dry
powder was placed in a U shaped quartz reactor with 14 mm inner diameter and
was first activated by dry air at 500°C and then cooled to 200°C under argon
atmosphere. At 200°C, H2 was flown over the catalyst bed for 0.5 hour to reduce
the rhenium precursor to metallic rhenium. The catalyst bed was then heated to
300°C and kept at that temperature for 3 hours under H2 flow. After treatment with
H2 flow, the bed was subsequently heated to 700°C under H2 atmosphere.
The activated catalysts were reacted with a 44:716 CH4:Ar mixture under a flow rate
of 20 L/h at 700 oC.
2.8. Experiments to Investigate the Primary Product for the Aromatization of
Methane
Wet impregnation method was used to prepare the catalyst. Ammonium molybdate
((NH4)2MoO4, Touzart & Matignon) was dissolved in a minimum volume of water
and HZSM-5 was added to the solution so as to achieve a nominal molybdenum
content of 4% by weight. The slurry was subsequently dried at 80°C. A 200 mg
sample of the dry powder of MFI-supported molybdenum catalysts was placed in a
U shaped quartz reactor with 14 mm inner diameter for the experiments to
investigate the primary product. It was first activated in dry air at 650°C and then
purged by argon flow (Air Liquide UP) at the same temperature, for 30 minutes.
Methane conversion was carried out at 700°C using 1.166 L/h methane diluted with
argon in order to obtain a total flow rate of 20 L/h, resulting in a methane partial
pressure of about 44.3 Torrs in the CH4/argon mixture.
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3. RESULTS AND DISCUSSION
3.1. The Effect of Dealumination on the Apparent and Actual Rates of
Aromatization of Methane Over MFI-Supported Molybdenum Catalysts
In the low partial pressure (LP) experiment (an atmospheric mixture of 24:736 CH4:
Ar at a flow rate of 13 L/h), it was noted that the conversion of methane did not
experience an induction period as was the case in the high partial pressure (HP)
experiment (an atmospheric mixture of 380:380 CH4: Ar at a flow rate of 0.75 L/h).
This is ascribed to the fact that the catalyst of the LP experiment was carburized
prior to the catalytic reaction. The active centers, which are accepted to be
molybdenum carbidic species, operate right away for the conversion of methane,
while in the HP experiment the active centers are to be formed during the induction
period. This is clearly evident from the comparison of curves of Figure 3.1, which

C o n ve rs io n to B e n z e n e (% )

shows the variation of the conversion with time on stream.

1 ,2 0
1 ,0 0
0 ,8 0
0 ,6 0
0 ,4 0
0 ,2 0
0 ,0 0
0

20

40

60

80

100

120

140

T im e (m in u te )

Fig. 3.1. Variation of the conversion to benzene with time on stream for () the
carburized catalyst with a 24:736 CH4:Ar mixture at a flow rate of 13 l/h at 700°C,
and () the non precarburized catalyst with a 380:380 CH4:Ar mixture at a flow rate
of 0.75 l/h at 700°C
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The next obvious observation was the much higher conversion in the case of the HP
experiment. The latter conversion level was within three times the one achieved in
the LP experiment. In addition, the shapes of the curves representing the conversion
as a function of time on stream were quite different for the two experiments. Not only
the induction period was absent in the case of the LP experiment, but also
conversion was observed to peak to a maximum and decay swiftly during the early
period and then slowly decrease during the next hour. By contrast in the HP
experiment, after the induction period, an abrupt rise in conversion was observed
followed by a rapid decay. The rate of decrease of the activity of the catalyst
operating under the HP conditions appears to be more steady and higher than that
observed under the LP conditions following the early decay consecutive to the initial
peak.
As far as the product distribution is concerned, as expected, no other aromatic but
benzene was observed in the early period of the LP experiment together with 10%
ethylene. Later, within two hours, increasing amounts of ethylene were produced,
along with trace amounts of naphthalene, as shown in Figure 3.2. By contrast, in the
HP experiment, all products appeared simultaneously following the induction period,
as shown in Figure 3.3. They included ethylene, ethane, benzene and naphthalene.
This is reasonable since the low pressures prevent sequential reactions to produce

S e le c tivity (% )

the end products, while at higher pressures more end products are to be expected.
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Fig. 3.2. The product distribution after the reaction at low pressure experimental
conditions, namely with a 24:736 CH4:Ar mixture at a flow rate of 13 l/h at 700°C.
() Benzene ; () Ethylene
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Fig. 3.3. The product distribution after the reaction at high pressure experimental
conditions, namely with a 380:380 CH4:Ar mixture at a flow rate of 0.75 l/h at 700°C.
() Benzene ; () Ethylene ; () Ethane ; () Naphthalene
These results illustrate the overriding influence of the methane pressure both on the
rate of reaction and the product distribution.
Most of these observations are in agreement with earlier results, particularly those
reported by Iglesia et al. (23). They indicate that the rate of decay is related to the
formation of increasingly heavier products and suggest, as has been already
proposed (15, 16, 20,21), that ethylene is a likely primary product or at least the very
first secondary product of methane conversion.
In the HP experiments, in agreement with Iglesia et al. [23], surface dealumination
produced, in every respect, similar results to those observed by them in the case of
silanation. Indeed, molybdenum supported over the dealuminated zeolite exhibited a
higher stability with time on stream (Figure 3.4.). This is quite reasonable since, as
already suggested, active centers on the external surfaces including the surface
carbidic species and the surface acid sites would contribute to the formation of the
end products which are the bulkiest and the least amenable to desorption thus
resulting in activity decay. However, it is less conceivable that the activity increased
with decreasing number of active sites. Yet, we observed the same result.

32

C o n ve rs io n to B e n z e n e (% )

1 ,6 0
1 ,4 0
1 ,2 0
1 ,0 0
0 ,8 0
0 ,6 0
0 ,4 0
0 ,2 0
0 ,0 0
0

50

100

150

T im e (m in u te )

Fig. 3.4. Variation of the conversion to benzene with time on stream at HP
conditions for () the original catalyst without dealumination with a 380:380 CH4:Ar
mixture at a flow rate of 0.75 l/h at 700°C, and () the catalyst dealuminated with
oxalic acid with a 380:380 CH4:Ar mixture at a flow rate of 0.75 l/h at 700°C.
However, the results obtained under the LP conditions are at variance with those
obtained under the HP conditions. As expected, the association of molybdenum with
the dealuminated zeolite has brought about a better stability, particularly after a
period of 2h on stream. In addition, the data also showed that the dealuminated
zeolites associated with Mo were less active than the parent zeolites. The activity
was about half of that exhibited by molybdenum over the unmodified zeolite, which
may be indicative of the effective decrease of the total number of active sites. This is
clearly seen from Figure 3.5. and is in agreement with the results reported recently
by Tang et al. [39] who found that the association of molybdenum with a ZSM-5 with
a Si/Al ratio of 20 was more active than with the ZSM-5 dealuminated with HCl to a
Si/Al ratio of 50 prior to its association with Mo.
This might mean, contrary to the claim of Iglesia et al. [23], that suppression of the
external surface sites does not improve the dispersion of the molybdenum precursor
if it is accepted that the acid sites are the anchoring centers of the molybdenum
active species. In this case it appears, rather, that the number of such active sites
has, actually, decreased or at least their efficiency did. It is even conceivable to
measure the ratio of the active internal to external sites. However this is contradicted
by the results obtained under higher methane pressure, well in agreement with
those obtained by Iglesia et al [23].
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Fig. 3.5. Variation of the conversion to benzene with time on stream at LP
conditions for () the original catalyst without dealumination, with a 24:736 CH4:Ar
mixture at a flow rate of 13 l/h at 700°C, and () the catalyst dealuminated with
oxalic acid, with a 24:736 CH4:Ar mixture at a flow rate of 13 l/h at 700°C.
We therefore suggest that, under reduced methane pressure, as is obvious from the
product distribution, the sequence of the reaction is quenched to its early stages
because of the lower conversion due, both, to the low methane pressure that lowers
the reaction rate and to the high space velocity that lowers the residence time and
hence the conversion. Therefore the heaviest products which are, if not the poisons,
at least the poison precursors, are produced in much lower yields and deactivation
is still not dramatic in the early stages of analysis. Hence, the conversions and rates
determined under these circumstances approach most the actual rates or are only
slightly undermined by the starting deactivation. Thus it is conceivable that the
catalyst associated with the dealuminated HZSM-5 should show the lowest activity
under these conditions.
By contrast, under higher methane partial pressure and decreased space velocity,
the sequence of reactions should produce, as was observed, higher molecular
weight aromatics. The early analyses are probably already altered by deactivation. If
this were true, it is expected, as Iglesia et al. have proposed, that the catalyst
associated with the externally dealuminated HZSM-5 should not be so dramatically
altered by the starting deactivation as the one associated with the unmodified
zeolite. Therefore it would exhibit an apparently higher activity solely in view of a
less advanced deactivation on the external surfaces, hence easier access to the
internal surfaces, and probably not because it contains more active sites than the
untreated catalyst. Also, it could be envisaged that since dealumination is mainly
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concerned with the external sites, the formation of the heavier products which need
free space is no longer favoured. Therefore, statistically, the stability against coking
of such catalyst should be improved, resulting in apparent improvement of the
overall activity under particular circumstances.
This reconciles the fact that at the lowest conversion, under conditions where both
catalysts are the least affected by deactivation, the order of activity is just the
opposite depending on the reaction conditions.
3.2. The Effect of CaC2 on the Activity of MFI-Supported Molybdenum
Catalysts for the Aromatization of Methane
As seen in Figure 3.6., the highest rate of formation of hydrocarbon products
(benzene, naphthalene, and ethylene) was obtained when the 300 mg catalyst
sample was treated with 4 mg CaC2. Heating the catalyst in the presence of CaC2
resulted in about a 40 % higher value for the maximum rate of hydrocarbon
formation, when compared to the maximum rate values obtained with the other two
catalysts, one of which was not precarburized and the other was carburized with a
CH4/H2 mixture prior to the reaction. A maximum conversion of methane into
hydrocarbons of about 1.7% was achieved with these latter two catalysts, which
increased to about 2.4 % with 4 mg CaC2 addition. Conversion into hydrocarbons

Rate of hydrocarbon
formation
-3
(x 10 mol CH4 / (s.mol Mo))

leveled off for all samples to below 1%, over 2 h on stream.
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Fig. 3.6. Variation of the rate of hydrocarbon formation with time for the samples,
which were () noncarburized, () precarburized in the presence of CH4/H2
mixture, and () treated with 4 mg CaC2.
It is apparent from Figure 6, that the induction period, defined as the time necessary
to detect methane conversion products was consistently shortened, if at all present.
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In addition, the period of time on stream needed to achieve maximum rates, t max,
was also significantly reduced (Figure 3.6, Table 3.1.) upon treatment with CaC2,
when compared to the noncarburized catalyst. For example, the maximum rate was
reached within 22 minutes over the sample pretreated with CaC2, whereas it was
reached after 40 minutes for the noncarburized sample and after only 16 minutes for
the sample precarburized with CH4/H2 mixture. It is clear that formation of Mo2C,
assumed to be the active species, had taken place to a significant extent via the
carburization of the MoO3 species, prior to the reaction period upon treatment with
CaC2.
Table 3.1. Maximum rates of hydrocarbon and coke formation, and the
corresponding reaction times
Sample

Noncarburized

hydrocarbon products
coke
Reaction time, Max. rate (x10 Reaction time, Max. rate (x103
3
min.
mol/(mol min.
mol/(mol
Mo.s))
Mo.s))
40
0,654
28
7,97

Precarburized

16

0,652

10

4,84

4 mg CaC2

22

0,918

16

9,31

8 mg CaC2

28

0,870

16

9,42

16 mg CaC2

28

0,801

16

8,49

24 mg CaC2

28

1,006

16

8,58

32 mg CaC2

40

0,589

22

9,78

It is apparent from the induction period and tmax values that precarburization of the
sample with CH4/H2 mixture was almost completed before the reaction started to
take place under CH4/argon mixture. Likewise, a significant degree of carburization
was also observed to take place prior to the reaction period for the sample treated
with 4 mg CaC2, as evidenced by the drastic reduction of the induction period by
comparison with untreated samples and by the shorter tmax.

For this sample,

carburization was seen to continue to some extent during the course of the reaction
too, although no COx evolution was observed under flowing methane.
In Figure 3.7., the variation of the rate of coke formation with time on stream is
shown for the same samples. As can be seen from the figure, coking was lowest for
the sample precarburized with CH4/H2 mixture, and highest for the one treated with 4
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mg CaC2. The corresponding values of maximum conversion of methane into
carbon and hydrogen were about 12.5 % for the sample precarburized with CH4/H2
mixture, 20.6 % for the sample used without precarburization, and 24 % for the
sample treated with 4 mg CaC2. Conversion values leveled off for all samples to
below 5 % over 2 h on stream. The sample with the highest activity for the

Rate of coke formation
(x 10-3 mol CH4 / (mo Mo.s))

aromatization reaction also showed the highest activity for coking.
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Fig. 3.7. Variation of the rate of coke formation with time for the samples, which
were () noncarburized, () precarburized in the presence of CH4/H2 mixture, and
() treated with 4 mg CaC2.
Table 3.1. shows that the maximum rate of coke formation was obtained within 16
minutes for the sample pretreated with 4 mg CaC2, whereas the maximum rate of
hydrocarbon formation was obtained within 22 minutes for the same sample. The
maximum rates of coke and hydrocarbon formation for the noncarburized sample
were obtained within 28 minutes, and 40 minutes, respectively The same values
were 10 and 16 minutes, respectively, for the sample precarburized in the presence
of CH4/H2 gas mixture.
For all samples, maximum rates of coke formation had been reached before the
maximum level of rate values for the secondary products were attained. Neither
precarburization in the presence of CH4/H2 mixture, nor that with CaC2 was effective
in postponing or depressing coking reactions till after the formation of the
aromatization products. Coking seems to be taking place in parallel and slightly but
consistently preceeding the aromatization reactions in all cases. This latter
observation that the maximum coke yield was reached before the maximum yield of
secondary reaction products was attained, supports the claim of Lunsford, et al.
[14,15] and Iglesia et al.[40], regarding the possible function of coke in promoting

37

the reaction during the initial periods. Indeed, if it is assumed that dimolybdenum
carbide is the active precursor for methane conversion into a C2 primary compound
(ethylene or acetylene), one might speculate, in agreement with Lunsford et al.
[14,15] and Iglesia et al. [40], that methane decomposition into carbon and hydrogen
would convert the overactive dimolybdenum carbide into the truly active carbide
capable of generating C-C bonds upon interaction with methane. However, at this
time, it is not clear why the initial rate of conversion of methane into the secondary
products is zero, only for the samples precarburized with calcium carbide, in
contrast to the sample precarburized with the CH4/H2 mixture. We may only
speculate that cleaning of the molybdenum carbide from excess calcium carbide by
the hydrogen issued from the methane decomposition into its elements is a
prerequisite to the formation of the hydrocarbons or to the formation of the actual
active carbide species.
In Figures 3.8., 3.9., and 3.10., the selectivities versus time on stream for benzene,
naphthalene and ethylene, respectively, are shown.

In the case of the sample

treated with 4 mg CaC2, 100% benzene selectivity was obtained as a result of the
initial analysis carried out 4 minutes after the reaction was started. Later, ethylene
and then naphthalene were detected, after 10 and 16 minutes, respectively. No
acetylene was detected although it is likely to be the primary product. This is easily
conceivable in the presence of an exceedingly high pressure of hydrogen compared
to the potential pressure of acetylene. The initial selectivity to benzene, 100%,
among aromatics, is only indicative that the reaction mixture is off the
thermodynamic equilibrium as long as benzene may easily escape the reaction pot.

Fig. 3.8. Variation of the selectivity (%) for C6H6 with time for the samples, which
were () noncarburized, () precarburized in the presence of CH4/H2 mixture, and
() treated with 4 mg CaC2.
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For the noncarburized sample, no reaction product except hydrogen could be
measured initially. Benzene was the only other product detected besides hydrogen,
during the period between 10th and 22nd minutes. After this time, both naphthalene
and ethylene were observed in the product mixture. This occurrence is very
interesting. It seems to be indicative of three distinct processes: The exclusive
evolution of hydrogen may suggest that the oxidic molybdenum was being activated
not only into the dimolybdenum carbide but probably into yet another intermediate
surface carbide capable of creating C-C bonds in a first step, followed by a second
period, during which only benzene was detected, corresponding to the quantitative
conversion of the intermediate ethylene (acetylene) into benzene, presumably over
the fresh acid sites or appropriate ensembles of the carbide itself. The high rate of
conversion of the intermediate ethylene/acetylene must have been secured since no
deactivation of the acid sites had yet occurred. In the third period corresponding to
the accumulation of benzene together with the C2 precursor leading to multiple
alkylations of the former, a deposit of heavier aromatics must have formed that
hindered the quantitative conversion of the primary product, which then started to be
detected as well. With time on stream, formation of increasing amounts of heavy
aromatics would inhibit the conversion of the primary product leading to an
increased selectivity for the latter, in spite of a decrease in the overall methane
conversion rate.

By contrast, all three reaction products were detected to start

forming within the first four minutes when the sample precarburized in the presence
of CH4/H2 gas mixture was used as the catalyst.

Fig. 3.9. Variation of the selectivity (%) for C10H8 with time for the samples, which
were () noncarburized, () precarburized in the presence of CH4/H2 mixture, and
() treated with 4 mg CaC2.
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Fig. 3.10. Variation of the selectivity (%) for C2H4 with time for the samples, which
were () noncarburized, () precarburized in the presence of CH4/H2 mixture, and
() treated with 4 mg CaC2.
Selectivities for ethylene, following its formation, initially increased quite rapidly, then
following a limited depression period, continued to increase steadily at a slower rate.
It is evident that the ethylene/acetylene intermediate is produced at the highest
possible rate when all potential production sites are present, as in the case of the
precarburized samples at early times. Conversion of the primary intermediate into
benzene is accompanied, due to the high rate of C2 production, by the formation of
higher aromatics as well, resulting in significant consumption of ethylene/acetylene
and consequently in an apparent depression of the ethylene selectivity. As heavier
aromatics are accumulating, deactivation of the function in charge of ethylene
conversion is progressively taking place; hence increasing ethylene selectivities are
observed again with time on stream. Table 3.2. gives the times that ethylene
selectivities started increasing after the depression period, and the times that
naphthalene was first detected in the product mixture. The sample precarburized
with CH4/H2 gas mixture is seen to have been exposed to deactivation earlier than
the other two samples. The sequence of the deactivation stages seems to be related
to the degree of carburization that has taken place prior to the reaction. The lower
the degree of carburization was, as indicated by the longer induction period and
longer tmax values, the later the deactivation took place, as evidenced by the lack of
naphthalene and ethylene in the product mixture. The catalyst pretreated with CaC2,
therefore, started to be deactivated earlier than the noncarburized sample. On the
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other hand, deactivation took place in any case, sooner or later with time on stream,
for all samples, irrespective of the activation method.
Table 3.2. Values of the C6H6/C10H8 ratios, the times that ethylene selectivities
started increasing, and the times that naphthalene was first detected in the product
mixture
Sample

C6H6/C10H8
ratios

Noncarburized

9.3

the
times
that the
times
that
ethylene selectivities naphthalene was first
start increasing, min.
detected
in
the
product mixture, min.
34
28

Precarburized

3

16

4

4 mg CaC2

5

22

16

8 mg CaC2

7.9

28

22

16 mg CaC2

8.7

22

16

24 mg CaC2

6.8

28

16

32 mg CaC

8.8

28

28

Figure 3.11. shows the variation of the benzene to naphthalene ratios with respect
to time for the samples. The values of these ratios at the highest conversion levels
for the secondary products are also given separately, in Table 2. Benzene to
naphthalene ratio was 9.3 for the noncarburized sample, 5 for the sample pretreated
with 4 mg CaC2, and 3 for the sample precarburized with CH4/H2 mixture. The higher
the ratio, the lower the extent of the deactivation was, as expected from the reaction
sequence, since naphthalene may be derived from divinylbenzene formed by
alkylation of benzene with acetylene and is considered as the coke precursor.
Figure 3.12. shows the rate of hydrocarbon formation with respect to time for the
samples treated with various amounts of CaC2, namely 4, 8, 16, 24 and 32 mg. The
maximum values and the times at which these rates were attained are also given in
Table 3.1. Higher rates of hydrocarbon formation were observed for all of these
samples, except for the sample treated with 32 mg CaC2, when compared to the
noncarburized sample and the sample precarburized with CH4/H2 mixture. Besides
having the lowest rate of hydrocarbon formation, the sample treated with 32 mg
CaC2, also gave a tmax value which was significantly longer than those of the other
samples treated with CaC2, similar to the noncarburized sample, as seen from Table
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3.1., although, contrary to the case of noncarburized sample, significant amounts of
hydrocarbons were detected at the early reaction times with this sample, yet in small
yields. The time that naphthalene has first formed as the secondary product was 28
minutes for this sample, which is the same as the respective time obtained for the
noncarburized sample (Table 3.2.). On the other hand, the rate of coke formation
does not seem to vary significantly with the amount of CaC2; even the value
obtained for the sample treated with 32 mg CaC2 is similar to those of the other
catalysts, as seen in Figure 3.13.
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Fig. 3.11. Variation of the C6H6/C10H8 ratio with time for the samples, which were
() noncarburized, () precarburized in the presence of CH4/H2 mixture, and ()
treated with 4 mg CaC2.
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Fig. 3.12. Variation of the rate of hydrocarbon formation with time for the samples,
which were treated with () 4 mg CaC2, (+) 8 mg CaC2, () 16 mg CaC2, () 24 mg
CaC2, and (-) 32 mg CaC2.
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Fig. 3.13. Variation of the rate of coke formation with time for the samples, which
were treated with () 4 mg CaC2, (+) 8 mg CaC2, () 16 mg CaC2, () 24 mg
CaC2, and (-) 32 mg CaC2.
The lower rate observed for the sample treated with 32 mg CaC2, may be due to
restricted diffusion into the zeolite framework due to pore blockage by CaC2. As
mentioned above, the shorter tmax values and the quasi suppression of the induction
periods observed for the samples treated with CaC2 in comparison to the
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noncarburized sample are expected to be related to the possible Mo2C formation
from CaC2 and MoO3 or MoO22+ in accordance with either of the following two
reactions:
10 MoO3 + 8 CaC2

5 Mo2C + 8 CaO + 11 CO2

(3.1)

6 MoO22+ + 7 CaC2

3 Mo2C + 6 Ca2+ + CaO + 11 CO

(3.2)

It is well known from the previous studies that after impregnating HZSM-5 with
ammonium molybdate ((NH4)2MoO4), MoO3 clusters are formed on the external
surfaces of HZSM-5 [20, 33]. After heating the sample to 650°C under oxygen
atmosphere, (MoO2)2+ or (Mo2O5)2+ species form and migrate in the zeolite
framework to replace the H+ ions. These species are further converted into Mo2C by
reaction with methane.
In the case of the treatment with CaC2, on the other hand, CaC2 reacts with the
MoOx species. As to how carburization of the molybdic species may occur, it may be
conceived that calcium carbide (a=5.92Å) might diffuse at 700°C into the MFI
channels (D= 5.5Å); alternatively, Ca2+ ions may migrate to exchange progressively
with the cationic molybdic entities, which then are carburized. The decrease in the
activity observed for the sample treated with 32 mg CaC2, may be due to restricted
diffusion, as mentioned above, into the zeolite framework due to pore blockage by
CaC2. Pore blockage due to excess amount of CaC2 may be gaining importance at
relatively high amounts of loading since higher rates of hydrocarbon formation were
obtained for the catalyst samples treated with CaC2 at the amounts of 4, 8, 16, and
24 mg, but not with 32 mg. The higher activities may be related to the Mo 2C cluster
sizes formed after reaction. As claimed by Iglesia et.al. [26], stronger interactions of
CHx fragments with nanoclusters of molybdenum carbides than with bulk carbide
surfaces may be prevailing because of higher coordinative unsaturation of Mo
centers in such small clusters [26]. In the case of the treatment with CaC2, CaC2
may only react with (MoO2)2+ or (Mo2O5)2+ species, instead of bulk MoO3, and hence
more stable Mo2C species to agglomeration may be formed at the H+ sites in the
zeolite framework. Higher dispersion of Mo2C species in the zeolite framework by
preferential reaction of CaC2 with (MoO2)2+ or (Mo2O5)2+ species may be the reason
for the higher activities in the activation of CH4, observed for the catalysts carburized
with CaC2 in comparison to the other samples, noncarburized or precarburized with
CH4/H2 mixture .
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Although methane conversion rates were within 1 mmole/mol Mo.s and therefore
less than half of the rates observed in the literature and in particular by Derouane et
al. [34,35], it is worth to recall the methane pressure used here was about 30 times
less than by the latter reports. Assuming a first order rate law with respect to
methane is more than enough to account for the lower rates we did observe. In fact,
Vu Thu Ha [31] has shown that the order with respect to methane of the reaction
rate was 1.26 in the 300-760 Torr pressure range.
3.3. The Effect of Support Morphology on the Activity of MFI-Supported
Molybdenum Catalysts for the Aromatization of Methane
XRD measurements confirmed the MFI structure for the support samples, and
showed all of them to be highly crystalline.
The framework Si/Al ratios of the support samples calculated from the chemical
analyses and XPS results are given in Table 3.3. Absence of extra-framework
aluminum species in the samples was confirmed by 27Al NMR analyses.
XPS results indicated that the external layers, when compared to the bulk, of two of
the support samples were depleted in aluminum,. Except for the sample with the
lowest aluminum content, the Si/Al ratios of the other two samples were significantly
higher than the bulk Si/Al ratio, in line with the general observation that nucleation
involves aluminum rich moieties with respect to the nutrient solution. The number of
acid sites per unit cell in the external layers for each of these samples was
calculated based on the XPS results, and the values are listed in the table.
Surface areas of the samples determined from the N2 adsorption results are also
listed in Table 3.3. In agreement with literature reports, micropore area values were
within the range of 400 to 450 m2g-1. The external surface area values determined
by the t-plot method, on the other hand, were far apart from each other, varying from
10 to 32 to 83 m2g-1, thus covering a wide range.
Typical scanning electron micrographs for the samples are shown in Figures 3.14.
The sample with the least aluminum content exhibited well defined crystals of the
coffin shape with an average length of 35-45 μ, a width of 12-15 μ, and a thickness
of 8 μ. Quite often these crystal were twinned. The sample from Sud-Chemie
exhibited a very uniform morphology made up mainly of very small individual
crystals which agglomerate into small ensembles leaving small open spaces and
larger voids giving the picture of an eroded sponge. These arrangements of the
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small agglomerates well account for the observed high external surface area and
high mesopore volume.
Table 3.3. N2 adsorption/desorption study. Characterization results of the catalyst
supports

Si/Al

Si/Al Ext.1

nExt.2

Smicro 3

rmax. 4

Sext. 5

rmax /next

(m2/g)

(m2/g)

14

16.7

5.42

400

0.553

0.100

32

28

34.4

2.71

430

0.652

0,240

83

54

54

1.74

350

0.052

0,030

10

1
2
3
4
5

Si/Al ratio in the external layers
The number of acid sites per unit cell in the external layers
The micropore surface area by N2 adsorption
Maximum rate of hydrocarbon formation ((x 10-3 mol CH4 / (s.mol Mo))
The external surface area calculated using t-Plot method

The micrograph of the sample richest in aluminum is quite different. The size of the
large agglomerates varies from 0.5 microns to about 7 micron diameter. These
cauliflower like larger particles are made up of much smaller lamellar type crystals in
the 0.1 to 0.3 micron size range. There is nothing like the large voids encountered in
the case of the previous sample. Such morphology is in agreement with the
measured external (or mesoporous) volume or surface area of this sample, which
was observed to be lower with respect to the sample from Sud Chemie, but higher
than that of the highest silica sample.
These three solids were loaded with molybdenum, and tested as catalyst supports in
the aromatization of methane under the conditions indicated in the previous section.
The rates of methane conversion into hydrocarbons varied with time on stream in a
similar manner in general, as can be seen from Figure 3.15. An initial increase of
activity was observed in all cases followed by a maximum, which was rather sharp
for two of the samples. An almost symmetric decline of the rate was then followed
by a slower but continuous deactivation. The maximum rates are also reported in
Table 3.3.
We have compared the maximum rates in an effort to relate them to the number of
aluminum atoms in the external layers. The obtained plot shown in Figure 3.16 is far
from the linear variation expected for a reaction having acidity as the rate
determining function. It is worth mentioning here that the activity was shown not to
vary with the molybdenum content beyond the value of 3.5 to 4%.

46

(a)

(b)

(c)
Fig. 3.14. SEM picture of the ZSM5 sample with a Si/Al ratio of (a) 14 (b) 28 (c) 54
In a further attempt to relate the activity to the morphological data of these catalysts,
the maximum rates were plotted against the external surface areas. The result is
shown in Figure 3.17. Here a steady increase of the rate was observed with
increasing external surface, although there was no linear relationship between the
two.
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Fig. 3.15. Variation of the rate of hydrocarbon formation with time on stream for the
catalysts supported on ZSM-5 of  Si/Al=14; ▲ Si/Al=28;  Si/Al=54
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Fig. 3.16. Variation of the maximum rate of hydrocarbon formation rmax with the
number of acid sites per unit cell in the external layers next for the catalysts
supported on ZSM-5 of  Si/Al=14; ▲ Si/Al=28;  Si/Al=54
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Fig. 3.17. Variation of the maximum rate of hydrocarbon formation, rmax, with the
external surface area, Sext, for the catalysts supported on ZSM-5 of  Si/Al=14; ▲
Si/Al=28;  Si/Al=54
Finally, it was assumed that the rate could well be a function of both the number of
external acid sites and the available external surface, obeying a relation of the form:
R = k.n.Se

(3.3.)

where n is the number of acid sites per unit cell in the external layers and S e is the
external surface area.
The result of this attempt to relate the rate to both the external surface area and the
acid site density is shown in Figure 3.18, where r/n is plotted against Sext. A very
decent linear relationship was obtained confirming the major effect of the external
surface area for this reaction. Clearly, most of the reaction is proceeding within the
external layers, if not exclusively at the external surfaces. This is not unexpected at
these high space velocities and high temperatures. Transport phenomena very often
determine the efficiency of the catalyst even in the case of molecules as small as
methane and water as in methane steam reforming [46,47].
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Fig. 3.18. Variation of the ratio of maximum rate of hydrocarbon formation to the
number of acid sites per unit cell in the external layers (rmax / next) with the external
surface Sext, for the catalysts supported on ZSM-5 of  Si/Al=14; ▲ Si/Al=28; 
Si/Al=54
3.4. An EPR Study on Mo-HZSM-5 Catalysts for the Aromatization of Methane:
Investigation of Valence States of Active Molybdenum Species
The MoHZSM-5 (6%Mo) carburized under a mixture of H2/CH4 as described in [44]
then subjected to flowing methane at a rate of 0.8Lh-1 for 30 min gave the EPR
signal shown in Figure 3.19.(a) at room temperature and 3.19.(b) at liquid nitrogen
temperature. This signal is, overall, less complex than the one observed by Ma et al.
[41]. Nevertheless, the spectrum includes, in both cases, an almost isotropic signal
with g┴= 1.945 and g║= 1.878. Two of the low field hyperfine lines due to

95

Mo

nuclear spin are evident on the perpendicular component (Aperp= 68 G), together
with an ill resolved superhyperfine pattern probably due to an indefinite number of Al
nuclei (I = 5/2) with AAl= 6-8 G. The carbon signal is also present though not at the
intensity observed by Ma et al. [25].
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Fig. 3.19. EPR Spectra of the sample 6%Mo/HZSM-5 activated in air at 600°C and
then reacted with methane for 30 min. (a) spectrum obtained at room temperature;
(b) spectrum obtained at 77K.
The

27

Al NMR of the fresh sample exhibited the familiar absorption at 51 ppm

(Figure 3.20(a)). When kept for 30 min on stream under methane flow at 700°C, the
corresponding Al NMR absorption was broadened considerably but was still
centered at 53 ppm (Figure 3.20.(b)). There was no enhancement of the spinning
sidebands indicating that the increased line width (threefold) was not due to
increase quadrupole interaction or increased chemical shift anisotropy but rather to
a span of chemical shifts. By contrast, the absorption around zero ppm ascribed to
nonframework aluminum is barely visible. However upon re-oxidation in air at
500°C, the corresponding

27

Al NMR was unchanged except for the absorption at -13

ppm (Figure 3.20.(c)) which may be safely attributed to the formation of an
aluminum molybdate phase in perfect agreement with Smith et al.[45] and with Liu
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et al. [48] who reported Al chemical shifts extending from -10.3 to -13.4 ppm and -15
ppm, respectively. While the former group investigated an authentic aluminum
molybdate, the latter was identifying the phases forming within the Mo-HZSM-5.

-13 ppm

Fig. 3.20. 27Al NMR spectra of the 6%Mo/HZSM-5 sample (a) activated in air; (b)
after 30 min. on stream; (c) b re-oxidized
Longer periods on stream, under the reaction conditions, produced a slightly
stronger signal with yet an ill resolved superhyperfine pattern and an even stronger
signal due to carbonaceous deposits. Further reaction with methane resulted in such
a carbon rich solid that tuning of the EPR cavity became impossible.
The corresponding

27

Al NMR spectrum, shown in Figure 3.21., was severely

broadened and dramatically reduced in intensity and experienced a significant shift
to higher fields clearly suggesting an extensive dealumination accompanied by a
probable partial loss of crystallinity.
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50.5 ppm

-7.3 ppm

Fig. 3.21. 27Al NMR spectra of the 6%Mo/HZSM-5 sample activated in air and then
kept for 3h under flowing methane at 700°C
Silica supported ammonium 6-molybdo-aluminate III heated in air at 500°C for 3 h
then reacted with flowing methane at 700°C for 3 h gave an EPR spectrum shown
in Figure

3.22. There are three signals:The carbon deposit signal at the free

electron g value, a sharp signal due to an unidentified Mo5+ species and a more
familiar Mo5+ signal with an ill resolved superhyperfine structure similar to the one
observed with the MoHZSM-5 system when activated in air and subsequently
maintained under a stream of methane at 700°C for 0.5 – 2 h. The g values are: g┴=
1.945 and g║= 1.896 very close to the values found in the case of the MoHZSM-5
system. The ill resolved superhyperfine structure is essentially the same in both
cases under very similar treatment conditions.
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Fig.3.22. EPR Spectra at 77K of silica supported ammonium 6-molybdo-aluminate
III heated in air at 500°C for 3 h then reacted with flowing methane at 700°C for 3 h
The case of the aluminum molybdate is also of interest. When heated in air at 500°C
and then reacted with methane for a very short period, typically 5 to 15 min, the
sample turned pale yellow to grayish and gave rise to the EPR spectrum shown in
Figure 3.23.. The observed rather narrow and resolved signal could be analyzed in
terms of an axial g and A tensors with g┴= 1.931, A┴= 42 Gauss and g║=1.876 and
A║= 95 Gauss. Upon heating stepwise at increasingly higher temperatures, the
signal was broadened via the occurrence of a strong and broad shoulder at the low
field side of the perpendicular component. This progressive broadening and
obscuring of the initial narrower signal could be observed in Figures 3.24. (a) to (d).
Clearly the overall signal is the result of the overlap of the initial narrow signal by a
broader one with a perpendicular mean g component at 1.951 and a mean parallel
component at 1.874. Interestingly, an ill resolved shf pattern appeared and was very
similar to the one observed in the case of MoHZSM-5 system subjected to the
dehydroaromatization reaction.
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Fig. 3.23. EPR Spectra, obtained at 77K, of Al2(MoO4)3 heated for 10 min. in the
presence of 70 torr of methane.

Fig. 3.24. EPR Spectra, obtained at 77 K, of Al2(MoO4)3 heated in 70 torr of
methane for 10 min. at: (a) 500°C; (b) 550°C; (c) 600°C; (d) 650°C.

55

Although the hyperfine structure is ill resolved, it clearly hints to the interaction of
the 4d1 odd electron with the only nonzero nuclear spin – excluding 1H- within the
MoHZSM-5 system. The poor resolution is probably due to the combination of two
factors: The dipolar spin spin interaction as a result of a too concentrated
paramagnetic species and the heterogeneous crystal field prevailing at each Mo 5+
species resulting in a span of g tensor values adding to the individual line width of
each microcrystal. It may be seen from the report of Ma et al.[41], that the resolution
improved as the overall signal intensity decreased, causing spin dilution and
suppression of the dipolar interaction.
However the assertion that the occurrence of the interaction of the odd electron with
the aluminum nuclear spin is indicative of the location of the Mo5+ ions at the
exchange sites of the zeolites under the conditions prevailing is less than
straightforward. Indeed, Mo5+ in various zeolites was abundantly investigated,
including in the MFI type, using EPR Spectroscopy and various methods were used
to anchor the molybdenum species at the exchange sites , such as the sublimation
of molybdenum hexacarbonyle and molybdenum pentachloride. In no case any such
super structure as that reported by Ma et al. was reported.
27

Al NMR showed in this study and in a study emanating from the former group by

Liu et al.[48], that a dramatic dealumination was occurring, especially favored by
high molybdenum loadings to form the crystalline and stable aluminum molybdate
phase at the expense of the zeolite lattice aluminum atoms. Therefore as the zeolite
was being depleted of aluminum and consequently from the exchange sites and as
the Mo species were attracted to form a rather stable phase, the anchoring of the
high valent Mo5+ ions at the exchange sites to occur seems improbable, particularly
that the high valence state of these ions would require more than one Al centered
tetrahedron to balance the five positive charge of this ion even though extra
framework oxide ions might help in this matter.
The fact that the occurrence of the superhyperfine pattern due to the interaction of
the odd electron with the Al nuclear spin is by no means a reliable criterion to locate
the corresponding ion at the exchange sites is corroborated by the appearance of a
similar pattern in the case of silica supported ammonium 6-molybdoaluminate III
reduced by methane under reaction conditions. It is simply indicative of the
presence of aluminum in the second coordination sphere of the molybdenum ion.
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Furthermore, the

27

Al NMR clearly showed that activation of the zeolites composite

system resulted in a disruption of the MFI structure, although most of the aluminum
atoms were still in a tetrahedral coordination. These were probably partially bound to
SiO4

tetrahedra and presumably to a MoO4 tetrahedron as a prelude to the

formation of the identified molybdate. The fact that the aluminum fraction involved in
the molybdate phase was not detected prior to re-oxidation is probably indicative of
the presence of paramagnetic Mo5+ ions within this phase resulting in a broadening
of the Al signal beyond detection.
Folowing appropriate period on stream, Liu et al.[48] have conclusively shown that
almost all aluminum zeolitic atoms were engaged in the aluminum molybdate
crystalline extra phase. In an effort to identify the location of the Mo 5+ ions and
confirm the suggestion from the broadening of the Al signal of the Al molybdate prior
to re-oxidation, we have investigated the stepwise reduction of an authentic
aluminum molybdate. As seen from Figure 3.23., the well defined Mo5+ signal is
quite different from the one arising from the reduction of the Mo/HZSM-5 catalyst
under reaction conditions. However as the aluminum molybdate was more and more
severely reduced by increasing the reduction temperature, a broader signal was
superimposed on the initial one as may be seen from Figure 3.24.. The broad signal
grew at the expense of the sharp one and as the reduction temperature reached
650°C, the overall signal was very similar to that of the real catalyst. It is very
probable that as the number of Mo5+ increased that the crystal field was varying due
to the substitution of hexavalent

ions by pentavalent ones bringing about

modifications of the bond lengths and distortions of the bond angles of the original
molybdate structure. It is thus very probable that the observed Mo5+ ions are located
in the extra phase resulting from the association of the molybdate tetrahedral and
the aluminum extracted from the zeolite during the carburization period and or the
aromatization reaction.
3.5. Activities of MFI-Supported Rhenium Catalysts for the Aromatization of
Methane: Effect of Cationic Form of the Inorganic Carrier
For the aromatization reaction of methane under non-oxidative conditions, CaZSM5-supported molybdenum and rhenium catalysts showed much lower activity values
compared to the ones obtained with HZSM-5-supported molybdenum and rhenium
catalysts, as can be seen from Figures 3.25 and 3.26.
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Fig. 3.25. Variation of the conversion to hydrocarbons with time on stream for (◊)
HZSM-5-supported molybdenum catalyst; (∆) CaZSM-5-supported molybdenum
catalyst

18
16
14
12
10
8
6
4
2
0
0

10

20

30

40

50

60

70

Time (minute)
Fig. 3.26. Variation of the conversion to hydrocarbons with time on stream for (□)
HZSM-5-supported rhenium catalyst; (○) CaZSM-5-supported rhenium catalyst
Calcium form of the inorganic carrier, which was determined to be deficient in acid
sites, was specifically chosen so as to investigate the effect of the acidity of the
inorganic carrier. Acid sites of the inorganic support are accepted [15,32,39,49,50]
to be functional for the cyclization and aromatization of ethylene/acetylene, formed
on Mo2C via C-C bond activation, according to the bifuntional mechanism. Yet, it is
worthwhile to point out that although the catalyst samples in calcium form were
much less active, they still could function in this study, to form benzene and
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naphthalene as seen in Figures 3.27 and 3.28. Since the zeolite carrier was in the
calcium form, there was practically no available acid site left to carry out the
cyclization and aromatization of C2’s to benzene and naphthalene. The performance
of the catalysts supported on CaZSM-5 confirms the claim of Ha et.al. that aromatics

Selectivity (%)

could form thermally via the cyclization of polyene, such as hexadiene [32].
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Fig. 3.27. Variation of the selectivity (%) with time on stream for CaZSM-5supported molybdenum catalyst; () Benzene (▲) Toluene (●) Naphthalene (―)
ethylene
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Fig. 3.28. Variation of the selectivity (%) with time on stream for CaZSM-5supported rhenium catalyst; () Benzene (―) Ethylene
It is also interesting to note that higher initial activity values were attained with HMFIsupported molybdenum and rhenium samples (Figures 3.25 and 3.26). On the other
hand, all samples deactivated in a similar manner irrespective of the active metal.
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Metallic rhenium species formed during the activation of the catalyst with H2, seem
to be the active site for the aromatization of methane, as suggested by Ichikawa
et.al. [27,28].
In Figures 3.27 and 3.29, the selectivities versus time on stream for CaZSM-5 and

Selectivity (%)

HZSM-5-supported molybdenum catalysts are shown, respectively.
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Fig. 3.29. Variation of the selectivity (%) with time on stream for HZSM-5-supported
molybdenum catalyst; () Benzene (▲) Toluene (●) Naphthalene (―) Ethylene
As can be seen from the figures, higher ethylene selectivities were observed at very
early times on stream. After an abrupt decrease, ethylene selectivities started
increasing gradually. On the other hand, the periods of time on stream needed to
achieve the maximum conversion values were 6 and 12 minutes for HZSM-5-and
CaZSM-5-supported molybdenum catalysts, respectively. This may be an indication
of the role of acidity in converting Mo2C into the active molybdenum carbide species
[15,40,51], which was almost totally absent in the case of the CaZSM-5 support. By
contrast, no difference was observed between the values of time on stream required
to reach the maximum conversion in the case of rhenium catalysts supported on
HZSM-5 and CaZSM-5, for which the active sites are rhenium metal particles.
The selectivity values obtained for rhenium catalysts supported on CaZSM-5 and
HZSM-5, are reported in Figures 3.28. and 3.30., respectively.
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Fig. 3.30. Variation of the selectivity (%) with time on stream for HZSM-5-supported
rhenium catalyst; () Benzene (▲) Toluene (●) Naphthalene (―) Ethylene (x)
Acetylene
The main difference between the two figures is that only benzene and ethylene
together with trace amounts of acetylene have been observed for the CaZSM-5supported rhenium catalysts. The absence of naphthalene and toluene for CaZSM5-supported rhenium catalysts may be ascribed to the possibility of the remaining
few acid sites not being in close proximity of the active rhenium sites in this catalyst.
In Ca-exchanged ZSM-5, calcium is expected to be attached to the zeolite at
exchange sites in the probable form of Zeolite-O-Ca-OH. Upon introducing
ammonium perrhenate, rhenium is expected to be ion exchanged and attached to
the framework according to the reaction given below, resulting in highly dispersed
metal precursors:
Ze-O-Ca-OH + NH4ReO4  Ze-O-Ca-ReO4 + NH4OH
It is common knowledge that the highly dispersed metal precursors favor highly
dispersed metal particles, hence it is reasonable to expect that rhenium attached to
the framework may result in higher dispersion. Although rhenium is expected to be
highly dispersed in CaZSM-5, the limited acid function results in lower conversion
values. The reaction seems to proceed according to the bifunctional mechanism in
which H+ acid sites of the inorganic carrier convert C2’s into benzene more easily
and hence improve the catalytic performance. This result is in line with the report of
Ha et.al. [32] pointing to the possibility of cyclization and aromatization of
ethylene/acetylene proceeding

faster than the possible thermally occurring

cylization reactions
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3.6. Investigation of the Primary Product for the Aromatization of Methane
The presence of acetylene as the primary product has been investigated in the
period when the molybdenum based catalyst was extremely deactivated. Table 3.4
shows the ethylene and acetylene selectivity values versus the corresponding
conversions to hydrocarbon products, where the conversion values were very low,
below 0.05 %. As seen from the table, acetylene was observed at very low
conversion values. Besides acetylene, ethylene was observed. Any aromatic
products, namely benzene and naphthalene have not been detected due to the
deactivation of the catalyst. Acetylene was detected after a certain deactivation
period since rapid hydrogenation of acetylene to ethylene occurred in the hydrogen
rich atmosphere. In the hydrogen rich atmosphere, an acetylene balance with the
hydrogenation reactions can be proposed according to the equations below:
CH4  C2H2 + 3H2

(3.4)

C2H2 + H2  C2H4

(3.5)

This reconciles the fact that acetylene can only be detected if the contact time is
very low [19,32] or in the advanced deactivation period since there is less hydrogen
for the hydrogenation reactions due to the very low conversion values. This implies
that acetylene is the most probable primary product and ethylene is one of the
secondary products. The previous studies also confirm that the conversion of
acetylene to aromatics proceeds more easily than that of ethylene over HZSM-5
catalysts [52].
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Table 3.4. Conversion percent to hydrocarbon products and the corresponding
ethylene and acetylene selectivity values in the period when the catalyst was
severely deactivated for the aromatization of methane

Conversion % to
hydrocarbon products
0,035

Selectivity % for
ethylene
76,004

Selectivity % for
acetylene
23,966

0,0356

76,32

23,68

0,0365

76,34

23,66

0,0368

76,572

23,428

0,0382

75,865

24,135

0,039

76,487

23,513

0,0398

76,254

23,746

0,0414

75,671

24,329

0,0424

76,275

23,725

0,0433

76,541

23,459

0,0448

77,333

22,667

0,0468

77,73

22,27

0,0488

77,633

22,367

0,0499

78,831

21,169

0,0528

78,989

21,011

0,0554

81,546

18,454

0,0575

82,782

17,218
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4. CONCLUSIONS
Under reduced methane pressure, as is obvious from the product distribution, the
sequence of the reaction is quenched to its early stages because of the lower
conversion due both to the low methane pressure that lowers the reaction rate and
to the high space velocity that lowers the residence time and hence the conversion.
Therefore the heaviest products which are, if not the poisons, at least the poison
precursors, are produced in much lower yields and deactivation is still not dramatic
in the early stages of analysis. Hence, the conversions and rates determined under
these circumstances closely approach the actual rates or are only slightly
undermined by the starting deactivation. Thus the catalyst associated with the
dealuminated HZSM-5 showed the lowest activity under these conditions due the
decreased number of active sites.
By contrast, under higher methane partial pressure and decreased space velocity,
the sequence of reactions should produce, as was observed, higher molecular
weight aromatics. It is expected that the catalyst associated with the externally
dealuminated HZSM-5 should not be so dramatically altered by the starting
deactivation as the one associated with the unmodified zeolite since dealumination
is mainly concerned with the external sites, the formation of the heavier products
which need free space is no longer favored. Therefore it exhibited an apparently
higher activity solely in view of a less advanced deactivation on the external
surfaces, hence easier access to the internal surfaces, and probably not because it
contains more active sites than the untreated catalyst.
It was shown that it is possible to precarburize MoO3/HZSM-5 catalyst samples to a
considerable extent prior to the aromatization reaction by treatment with CaC2.
Higher activities were obtained for these catalysts in comparison to the samples
noncarburized or precarburized in the presence of CH4/H2 mixture. The higher
dispersion of Mo2C species in the zeolite framework by preferred reaction of CaC2
with (MoO2)2 + or (Mo2O5)2 +species was proposed as a plausible explanation for the
higher activities. On the other hand, deactivation was observed to take place in a
similar manner after the induction period in parallel to the desired reaction sequence
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leading to benzene formation, for all samples, independent of the method of
carburization.
The rates of conversion of methane into hydrocarbons appeared not to vary simply
with the number of acid sites as usually expected. They rather depended on this
variable together with the accessible external surface area, clearly indicating that
transport phenomena were determining the overall rate. A high external surface
area appeared to be a prerequisite for efficient catalysts, as implied from the linear
relationship observed between the turnover frequency and the external surface
area.
The conversion of methane at elevated temperatures resulted in the formation of
aluminum molybdate as a result of the dealumination of the zeolite and the
availability of molybdenum oxide. The moderate reduction of the aluminate gave rise
to isolated Mo5+ ions in a well defined environment. More severe reduction resulted
in Mo5+ ions in various crystal fields due to the partial disruption of the original lattice
in the close vicinity of these ions. Interrestingly, the Mo5+ signal observed in the case
of the aluminum molybdate is very similar to the one observed in the case of the
Mo-zeolite catalyst suggesting that, in the case of the zeolite, in addition to the
carbide deposited on the surface of the zeolite, a sizeable fraction of the
molybdenum is present as aluminum molybdate hosting the pentavalent
paramagnetic Mo ions. These ions are interesting probes to monitor the changes
occurring within the Mo/HZSM-5 catalyst.
HZSM-5-supported molybdenum and rhenium catalysts were more active for the
aromatization of methane compared to those supported on CaZSM-5. As evident
from the formation of aromatics, the reaction also proceeds, but to a lower extent on
CaHZSM-5 supported molybdenum and rhenium catalysts, which were shown to
have only residual acidity. Although highly dispersed rhenium is expected to form
over CaZSM-5, lower conversion values obtained with CaZSM-5 supported rhenium
catalyst in this study underline the importance of acid sites on the formation of
aromatics, in line with the commonly accepted bifunctional mechanism.
Rapid hydrogenation of acetylene to ethylene probably occurred in the hydrogen
rich atmosphere preventing the detection of acetylene at the initial stage of the
reaction. In the advanced deactivation period when there is less hydrogen for the
hydrogenation reactions due to the very low conversion values, acetylene was
detected proving that acetylene is the most probable primary product and ethylene
is one of the secondary products.
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